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Abstract 
Particle agglomeration in heavy oil upgrading may occur due to the formation of a 
secondary liquid phase, known as carbonaceous mesophase. This secondary liquid phase 
is denser and more viscous compared to the continuous phase and may cause operational 
challenges. The experimental system in this work consisted of biodiesel (continuous 
liquid), aqueous glycerol (secondary liquid), glass beads, and nitrogen in a cold-flow, 
non-reacting slurry bubble column. The effects of the secondary liquid loading, 
secondary liquid viscosity, and particle diameter on the fluid dynamic behaviour are 
examined. Overall the addition of a denser and more viscous secondary liquid phase was 
found to affect fluidization behaviour and result in particle agglomeration and eventual 
sedimentation. Three sparger designs were compared to determine their impact on 
agglomerate break up. Perforated plate sparger designs were found to be more effective at 
breaking up agglomerates and minimizing particle sedimentation when compared to the 
spider sparger design.  
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Chapter 1  
1 Introduction 
Multiphase reactors are commonly used in chemical, biochemical, petrochemical and 
waste water treatment industries. Multiphase fluidized bed reactors promote the contact 
between all phases and facilitate heat and mass transfer. This thesis will focus on gas-
liquid-solid and gas-liquid-liquid-solid fluidization. There are numerous examples of 
industrial gas-liquid-solid fluidized beds including catalytic hydrotreating and catalytic 
cracking of heavy oil, biological wastewater treatment, fermentation, polymerization and 
coal liquefaction (Fan, 1989). Many reviews and books are available that summarize 
fundamental considerations of three phase fluidization (Fan, 1989; Wild and Poncin, 
1996; Yang et al., 2007; Yang, 2003). Most research on the fluid dynamics of three phase 
fluidization has focused on single component liquids under ambient conditions (Basha et 
al., 2015; Wild and Poncin, 1996). Some fluid dynamic studies in bubble columns have 
used multi-component emulsions (Argüelles et al., 1993; Natsui et al., 2016; Pjontek et 
al., 2011). However, there are few studies available that study the complex fluid dynamic 
behaviour of a gas-liquid-liquid-solid system. Gas-liquid-liquid-solid fluidized bed 
behaviour may be affected by agglomeration if liquid bridges are formed. It is important 
to study particle agglomeration as it can cause operational difficulties such as fouling and 
bed sedimentation. For this thesis, an agglomerate is defined as two or more particles that 
adhere to one another and behave as one larger particle. The slurry bubble column 
studied in this thesis provides relevant results for an industrial slurry bubble column 
which operating at elevated temperatures and pressures may contain multiple liquid 
phases and particle agglomeration.  
Ennis et al. (1991) presented a method to determine if particles will agglomerate in a 
fluid-fluid-solid system. The study compares the viscous Stokes number ( VSt ) to the 
critical Stokes number ( *VSt ): 
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This method was developed to determine if two particles of equal diameter covered with 
a binder will form a binding liquid bridge if they collide. If the particles do not have 
sufficient relative kinetic energy to overcome the retarding force or liquid bridge 
strength, the particles will coalesce. If the viscous Stokes number is greater than the 
critical Stokes number, it is assumed that the particles rebound and do not form a binding 
liquid bridge. This is due to the decreased bridge strength which will dissipate the relative 
kinetic energy of the particles allowing them to rebound. Three granulation regimes have 
been defined based on the comparison of VSt  and 
*
VSt  (Ennis et al., 1991; Simons and 
Fairbrother, 2000):  
i. Non-inertial regime ( VSt  << 
*
VSt ): all collisions result in agglomeration 
ii. Inertial regime ( VSt  ≈ 
*
VSt ) : some collision result in agglomeration 
iii. Coating regime ( VSt  >> 
*
VSt ): no collisions result in agglomeration 
This comparison was developed for a system with two particles covered with a layer of 
binder without a continuous gas phase. However, this relation may be a useful tool for the 
qualitative assessment of the effects of different revelant phase properties such as binder 
(or secondary liquid phase) viscosity and particle diameter.  
It is important to differentiate a slurry bubble column from an ebullated bed, as they 
are separate gas-liquid-solid fluidized bed configurations which have both been used for 
residue upgrading (Rana et al., 2007). The catalyst diameters in a slurry bubble column 
reactor typically range from 5 to 200 µm. These unsupported particles are suspended in 
the liquid by the gas flowing through it. Local liquid flow and particle suspension is 
mainly caused by induced liquid flow from the bubble wakes. In a slurry bubble column, 
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the superficial liquid velocity is much lower compared to the gas velocity. An ebullated 
bed configuration generally contains particles with diameters greater than 1 mm, which 
are fluidized due to the overall liquid flow. In this configuration the liquid and gas flow 
co-currently through the bed of particles. Fluidization in this configuration is mainly due 
to the flow of liquid through the particles, where an internal liquid recycle line has been 
used to increase the liquid residence time and to control the catalyst bed expansion. 
1.1 Synthetic crude oil production in Canada 
It is estimated that Canada has the third largest oil reserves recoverable by current 
technology in the world, recently estimated at 172 million barrels (Canadian Association 
of Petroleum Producers, 2015).  Most of Canada’s oil reserves (approximately 166 
million barrels) are found in the Alberta oil sands, however reserves are also located in 
regions such as Saskatchewan and off-shore Newfoundland. Oil sands are found in three 
regions in Alberta: the Athabasca, Cold Lake and Peace River regions. Oil sands are a 
mixture of sand, water, clay and bitumen, which is an oil that is too thick or heavy to be 
pumped unless it is diluted, heated or upgraded. According to the Canadian Association 
of Petroleum Producers, approximately three percent of the bitumen in the oil sands can 
be recovered using mining techniques (Canadian Association of Petroleum Producers, 
2015). The remaining bitumen is only recoverable via in situ techniques such as steam 
assisted gravity drainage.  
The bitumen upgrading process varies between companies, but the overall steps generally 
include: physical separation, chemical catalytic conversion and thermal chemical 
conversion. Physical separation processes involve extracting and desalting the bitumen 
from the oil sands, followed by atmospheric distillation. The distillation tower separates 
bitumen into multiple fractions based on their boiling points. A portion of the 
atmospheric tower bottoms is then further distilled under vacuum conditions. The 
bottoms from both distillation towers are then upgraded by hydrogen addition (e.g. 
hydroprocessing) or carbon-rejection processes (e.g., Fluid Coking). Hydroprocessors 
reduce the carbon-to-hydrogen ratio by combined thermal cracking and hydrogen 
addition at elevated temperatures and pressures (e.g., 440°C and 11.7 MPa) (Mcknight et 
al., 2003). Fluid coker units upgrade the atmospheric and vacuum bottom fractions and 
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any unconverted residues from the hydroprocessor. Fluid cokers form coke via thermal 
cracking due to carbon rejection to decrease the carbon-to-hydrogen ratio. The products 
from these upgrading units are then sent to hydrotreaters to remove nitrogen and sulphur. 
A more detailed description of the petroleum refining process can be found in Fahim et 
al. (2010).  
1.1.1 Hydroprocessing 
This thesis focuses on the fluid dynamics of a slurry bubble column configuration which 
may be relevant for a resid hydroprocessor. Heavy oil and/or vacuum residue upgrading 
reduces the carbon-to-hydrogen ratio by thermal cracking at elevated temperature             
(~ 440°C) combined with catalytic hydrogenation at elevated pressure (~ 11.7 MPa) to 
produce lighter fractions (Mcknight et al., 2003). Current industrial resid hydroprocessors 
use an ebullated bed configuration, where the liquid (vacuum residue) and gas (hydrogen 
or evaporated lighter products) flow co-currently through a bed of catalyst particles      
(dp > 1 mm). Several pilot scale slurry bubble column hydroconversion plants have been 
previously built, including: VENA-combi-cracking, M-coke technology and Canmet 
(Rana et al., 2007; Zhang et al., 2007). These models differ in catalyst type and catalyst 
volume and process conditions, such as operating pressure and downstream separation 
methods (Rana et al., 2007; Zhang et al., 2007). Currently, slurry bubble column 
hydroprocessors are still at the demonstration scale. 
1.1.2 Carbonaceous mesophase 
Upgrading bitumen and/or heavy-oils in hydroprocessors may lead to the formation of a 
coke-precursor material, potentially causing mechanical problems in the reactor and 
downstream equipment such as fouling and reduced catalytic activity (Gray, 1994). Coke 
is generally defined in the petroleum industry as toluene insoluble materials and is 
believed to originate from the asphaltene fraction of the feed. Carbonaceous mesophase is 
an intermediate phase between solid coke and liquid vacuum residue. This material was 
initially identified by its optical anisotropy when observed under polarized light (Bisoyi 
and Kumar, 2010; Brooks and Taylor, 1965) and is now characterized as a discotic 
nematic liquid crystal (Bisoyi and Kumar, 2010).  
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Several authors have proposed formation mechanisms for carbonaceous mesophase 
(Bagheri et al., 2012; Gray and McCaffrey, 2002; Marsh and Latham, 1986; Wiehe, 
1994). It is believed that mesophase forms due to an increased rate of thermal cracking 
relative to hydrogenation. Heavy oil cracking can lead to the formation of polycondensed 
aromatic hydrocarbons by polymerization, cyclization, dealkylation and dehydrogenation 
reactions. If layers of these oriented polycondensed aromatic hydrocarbons accumulate, 
they will form mesophase spherules which can accumulate and form larger mesophase 
domains (Honda, 1988). It is these larger mesophase domains that are believed to cause 
operational issues, depositing on the interior surfaces of process equipment and catalyst 
particles. It has been proposed that if the coalescence process could be hindered or 
prevented entirely, the smaller domain sizes would be carried out of the process lines and 
vessels with minimal or no fouling (Bagheri et al., 2012). The properties of mesophase 
are difficult to determine due to the lack of physical understanding of the reaction 
progress. In their review paper, Gray et al. (2005) detailed many of the specific 
challenges of using conventional methods to measure interfacial tension and viscosity of  
vacuum residue and asphaltenes at process conditions. Mesophase properties are also 
thought to vary depending on the initial feed material and operating condition. Bagheri et 
al. (2012) used hot-stage microscopy to study the chemistry and physics of the formation 
of mesophase; however, these results cannot be easily scaled-up to industrial scale 
reactors. Small and large domains from a stirred hot-stage reactor at 440°C and 4.8 MPa 
(Bagheri et al., 2012) are demonstrated in Figure 1.1. 
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Figure 1.1: Photomicrograph of mesophase formed during cracking Athabasca vacuum 
residue under hydrogen at 4.8 MPa and 440⁰C stirred at 140 rpm (Bagheri et al., 2012). 
Sharshar et al. (2015) recently studied the effects of temperature, partial pressure of 
hydrogen, catalyst concentration, agitation speed, and their interactions on the onset time 
for mesophase formation. The authors conducted their experiments in a batch 
microreactor and developed a statistical model to describe the effects of the process 
variables. Temperature was found to have the strongest effect on mesophase onset time, 
as the temperature increased, the mesophase onset time decreased. It is believed that 
mesophase forms due to an imbalance of thermal cracking and hydrogenation so a 
decreased mesophase onset time would be expected following an increase in temperature. 
Catalyst concentration was found to increase mesophase onset time which is consistent 
with the important role of the catalyst in suppressing coke formation during 
hydroconversion. The effects of partial pressure of hydrogen and agitation speed were 
determined to be insignificant as independent process parameters.  
As mesophase is likely formed due to an imbalance between thermal cracking and 
catalytic hydrogenation reactions, it has been suggested that a reduced catalyst diameter, 
and thus increased mass transfer, would minimize or eliminate mesophase formation. 
However, a previous study has found that particles with smaller diameters may form 
agglomerates at much lower secondary liquid phase loadings when compared to an 
equivalent ebullated bed configuration (Pjontek et al., 2014). The effect of catalyst 
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diameter on the secondary liquid phase loading required for particle sedimentation in a 
slurry bubble column has not been previously studied. Further studies are required to 
determine the impact of the additional liquid phase loading and properties (e.g., viscosity) 
on the agglomeration behavior in a slurry bubble column configuration.  
1.2 Interparticle forces 
Particle agglomeration in a gas-liquid-liquid-solid fluidized bed can occur due to Van der 
Waals forces, electrostatic/Coulombic forces and/or interparticle liquid bridging. Van der 
Waals forces may cause agglomeration due to attractive interaction between permanent 
dipoles (Keesom forces), permanent and induced dipoles (Debye forces) and dispersion 
forces of non-polar molecules (London dispersion forces). However, Van der Waals 
forces only affect particles in the micron range, typically below 10 µm (Simons, 1996), 
which is smaller than the particles studied in this work (45 to 180 µm). Although they are 
present, Van der Waals forces are negligible compared to other forces.  
Electrostatic forces are the attractive forces between particles with opposite charges and 
can arise from triboelectricifaction, ion collection, thermionic emission or frictional 
charging (Park and Fan, 2007). Electrostatic charges are most prevalent in gas-liquid 
fluidized beds, where charges are mainly generated due to friction between the gas, 
particles and vessel wall (Park et al., 2002; Sowinski et al., 2010). Electrostatic charging 
typically affects particles with low electrical dissipation rates such as polymers like 
polyethylene. Electrostatic forces are often negligible for gas-liquid-solid fluidized beds 
since the liquid phase increases electrical dissipation in the system. Agglomeration was 
only observed following the addition of glycerol to the system as there was no visually 
observable agglomeration in the biodiesel-only system, so it can be assumed that Van der 
Waals forces and electrostatic forces are negligible in this system. 
Liquid bridges are formed when two particles, surrounded by a layer of wetting liquid, 
collide and form a binding bridge between the particles. Liquid bridging is exclusively 
observed in fluid-fluid-solid systems (gas-liquid-solid or liquid-liquid solid). Interfacial 
tensions and wetting properties of the fluids relative to the solid affect the strength of the 
liquid bridges (Simons, 1996). One of the key parameters used to describe agglomeration 
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kinetics due to liquid bridging is collision efficiency, which Balakin et al. (2015) 
describes as the ratio between the frequency of collisions and successful agglomeration 
events. In their study comparing computational fluid dynamics (CFD) modelling with 
correlations and raw data, they found that the following factors increased collision 
efficiency for an agglomerating gas-liquid-solid system flowing through a pipe: volume 
fraction of solids, capillary number (Ca = µU/γ), dimensionless volume of the bridge and 
Coulombian friction. The collision efficiency was found to decrease with increasing 
Reynolds number, roughness and coefficient of restitution (Balakin et al., 2015).  
1.3 Previous fluid dynamic studies relevant to slurry 
bubble columns 
Most slurry bubble column studies use single-component liquids and typically measure 
the bubble characteristics (size, size distribution, shape and rise velocity) and phase 
holdups (gas, liquid, solid) (Kaur et al., 2007). Matsuura and Fan (1984) classified three 
bubbling regimes for gas-liquid-solid fluidized beds: coalesced bubble flow, dispersed 
bubble flow and slug flow. Slug flow occurs at relatively high gas velocities and typically 
in columns with relatively smaller diameters, which are not representative of the fluid 
dynamic behaviour in industrial hydroprocessors. Dispersed bubble flow occurs at 
relatively low gas velocities and is characterized by a flow pattern of fairly uniformly 
sized bubbles. Coalesced bubble flow occurs as the gas velocity is increased passed a 
transition velocity where the increased bubble population leads to coalescence. Coalesced 
bubble flow is generally characterized by the presence of smaller and larger bubbles, 
impacting the liquid circulation patterns as larger bubbles have a faster rise velocity and 
their induced wakes lead to back-mixing.  
A recent review of Fisher-Tropsh synthesis in slurry bubble column reactors (Basha et 
al., 2015) noted that while interest in slurry bubble columns has increased in the past two 
decades, significant knowledge gaps still exist. The review specifically identified a lack 
of fluid dynamic investigations with organic liquids at typical industrial conditions, as 
opposed to air-water systems at ambient conditions, as well as the effects of internal 
cooling configuration and sparger design as areas requiring further research. The authors 
remarked that models based on a polar liquid (water) at ambient conditions may be 
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inaccurate for organic liquids at elevated temperatures and pressures. These systems 
differ from other Fisher-Tropsh Synthesis systems which have relatively low equilibrium 
surface tension, reduced liquid viscosity, multi-component liquids and augmented gas 
density.  
Li and Prakash (2000, 1997) and Gandhi et al. (1999) measured gas holdups in a cold-
flow pilot scale slurry bubble column containing air, water and glass beads (30-35 µm). 
Average gas holdups were found to generally decrease with increasing slurry 
concentration for velocities above 0.1 m/s and slurry concentrations below 20 vol. %.  
The same trend was observed at slurry concentrations above 20 vol. %, but at a reduced 
rate. This was attributed to a decrease in bubble breakup; their analysis showed that 
bubble breakup was suppressed above the distributor in the presence of suspended fine 
particles. Inga and Morsi (1999) observed a similar trend in a slurry bubble column  (with 
system pressure up to 8 bar) containing a mixture of hexanes, commercial iron-based 
Fisher-Tropsch catalyst particles (bimodal distribution with modes at 1.5 and 40 µm) and 
with different gases (CO, H2 ,CH4, and N2). They found that increasing slurry 
concentration decreased gas holdup and that this effect was stronger for slurry 
concentrations between 0 and 25%. Higher gas flow rates increased the occurrence of 
bubble coalescence, resulting in significantly higher large bubble gas holdups while the 
small bubble gas holdup became insignificant.  
1.3.1 Gas liquid-liquid-solid slurry bubble column studies 
There have been few studies into the effect of a two immiscible liquids in a slurry bubble 
column. Siquier et al. (1991) measured the density gradient in a cold-flow atmospheric 
slurry bubble column system with atmospheric air, kerosene, water and glass beads 
(dp=110 µm) using a sampling probe. The object of the study was to observe changes in 
the axial solid holdup profile as a secondary liquid was added at different solid loadings 
and did not vary any other properties such as secondary liquid viscosity, particle size or 
sparger design. The study found that as the secondary phase (water) was added to the 
system, the concentration profiles changed drastically. The particles began to form 
clusters within the secondary liquid drops, which began to agglomerate at the bottom of 
the column. Three different situations were observed depending on operating conditions: 
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 Case 1: Two regions of solids suspension are formed. At the bottom of the 
column all four phases are present, the secondary liquid has caused the particles to 
cluster, and above this portion the column has small amounts of suspended solid 
particles and no secondary phase.  
 Case 2: The solid particles settle forming compact sedimentation. The secondary 
liquid is only or primarily found wetting the particles and occupying part of the 
interparticle pore space, the rest of the column has a relatively small volume of 
glass beads and no secondary liquid.  
 Case 3: The solids are fluidized, similar to before the addition of the secondary 
phase.  
The study concluded that as the secondary phase loading increased, the particles 
agglomerated and behaved like larger particles with a higher sedimentation velocity, 
affecting the solids distribution in the column.  
Recent studies by Pjontek et al. (2014, 2011), investigated the impact of particle size, 
shape and material on the fluid dynamics of a cold-flow fluidized bed with a secondary 
liquid phase. Glass beads and aluminum cylinder were studied in an ebullated bed with 
biodiesel (continuous phase), glycerol (dispersed phase) and nitrogen (gas). This study 
found that particles with smaller diameters (1.5 mm) exhibited more agglomeration than 
larger particles (4 mm) in and ebullated bed. Preliminary experiments were also 
conducted in a slurry bubble column, with glass bead particle diameters between 100 and 
150 µm. It was observed that the slurry bubble column was inoperable at much lower 
glycerol secondary liquid to solid volumetric ratio (L/S = 0.03) when compared to the 
ebullated bed trials, where the bed was still operating at L/S = 0.5. It is currently 
unknown if this trend would be applicable for smaller particle sizes typically used in 
slurry bubble columns. The Stokes comparison suggests that increasing the particle 
diameter will result in increasing the viscous Stokes number thus reducing particle 
agglomeration. A better understanding of the impact of secondary liquid phase on the 
fluid dynamics of slurry bubble columns could benefit hydroprocessor reactors. 
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1.4 Gas sparger designs 
The gas sparger design is critical for mixing and overall performance in multi-phase 
reactors. Most studies comparing sparger designs have been conducted in bubble columns 
without particles (Han and Al-Dahhan, 2007; Haque et al., 1986; Kulkarni et al., 2009; 
Vijayan et al., 2007). There are many commercially available sparger designs, but they 
can be broadly classified into two categories: plate and pipe spargers. The most common 
type of plate sparger is the sieve plate sparger. Common pipe sparger designs include 
straight pipe, single ring, multiple ring and spider. Some common sparger designs can be 
seen in Figure 1.2.  
 
Figure 1.2: Sparger designs for multi-phase reactors: (A) sieve plate sparger, (B) 
multiple ring sparger, (C) spider sparger and (D) pipe sparger (Kulkarni et al., 2009). 
Haque and Nigam (1986) tested nine different sparger designs in an air-water bubble 
column with a low height to diameter ratio (H/D = 2). They observed that the optimum 
sparger design depends on the physical properties of the system and the design 
specifications (e.g., mixing time, gas holdup, etc.). Single-ring spargers were found to 
have the lowest mixing time and four-arm spider spargers were found to have the greatest 
gas holdup.  
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Gandhi et al. (1999) studied the effect of sparger height and orifice orientation for a four 
arm spider sparger in a slurry bubble column with compressed air, water and glass beads. 
Jets from downward facing orifices were found to entrain the surrounding medium 
downward and agitate the suspended solids to facilitate particle dispersion. The sparger 
with the downward facing orifices was found to be more effective at solids dispersion 
than a comparable sparger with the upward facing orifices. The optimum sparger height 
for the sparger with the downward facing sparger was 0.05 m. This thesis will study gas 
sparger types in a gas-liquid solid and gas-liquid-liquid-solid system with the purpose of 
maintaining operability in a system that may be impacted by interparticle liquid bridging. 
1.5 Thesis objectives 
The main objective of this thesis is to investigate the fluid dynamics of a slurry bubble 
column hydroprocessor unit following the formation of carbonaceous mesophase. 
Experiments were conducted in a cold-flow and non-reacting slurry bubble column using 
an organic continuous liquid. The effects of gas velocity will be continuously evaluated 
due to its importance in hydroprocessor fluid dynamics. The following provides the scope 
of the present work:  
1. Investigate the potential impact of secondary immiscible liquid viscosity and 
loading and solid particle diameter on fluidization behavior in gas-liquid-liquid-
solid fluidized beds. Phase holdup deviations due to particle agglomeration can 
provide useful information to identify secondary liquid formation in an industrial 
unit. A range of values for the secondary liquid viscosity were studied since the 
exact properties of mesophase are unknown and are believed to change based on 
the initial feed and operating conditions. The secondary liquid phase was added 
incrementally to provide relevant data for a gas-liquid-liqud-solid fluidized bed as 
the secondary liquid is formed while the unit is operating. 
2. Study the impact of three sparger designs (six-leg spider sparger, perforated plate 
sparger and conical perforated plate sparger) on the fluid dynamic behaviour in a 
gas-liquid-liquid-solid system subject to particle agglomeration. Sparger design is 
a primary mitigation strategy when dealing with agglomerates in a slurry bubble 
column system.  
13 
Chapter 2  
2 Effects of secondary immiscible liquid loading and 
viscosity  
2.1 Introduction 
Hydroprocessing is a heavy oil and/or vacuum residue upgrading method whereby the 
carbon-to-hydrogen ratio is reduced by thermal cracking at elevated temperature             
(~ 440°C) combined with catalytic hydrogenation at elevated pressure (~ 11.7 MPa) to 
produce lighter fractions (Mcknight et al., 2003). Current industrial resid hydroprocessors 
have an ebullated bed configuration where liquid (e.g., vacuum residue) and gas (e.g., 
hydrogen, evaporated lighter products) flow co-currently through a contained bed of 
catalyst particles (1 mm < dp < 5 mm). Fluidization in this configuration is mainly due to 
the liquid flow through the particles, where an internal liquid recycle line increases the 
liquid residence time and controls the catalyst bed expansion. Slurry bubble column 
configurations have also been studied at the pilot scale (Rana et al., 2007; Zhang et al., 
2007), where the gas flows through a liquid containing suspended catalyst particles        
(5 μm < dp < 150 μm). In the latter configuration, the superficial liquid velocity is much 
lower compared to the gas velocity, and particle suspension is primarily due to the 
induced local liquid flow from the wakes of rising bubbles.  
Hydroprocessors are sensitive to small increases in temperature which can cause 
accelerated thermal cracking. An unbalance between thermal cracking and hydrogenation 
reactions may cause a buildup of coke-precursor material, generally referred as 
carbonaceous mesophase. This material was initially identified and characterized by its 
optical anisotropy when observed under polarized light (Bisoyi and Kumar, 2010; Brooks 
and Taylor, 1965). Coke is generally defined as toluene insoluble materials and is 
believed to primarily originate from the asphaltene fraction in the hydroprocessor 
feedstock (Srinivasan and McKnight, 1994). Carbonaceous mesophase is an intermediate 
phase between solid coke and vacuum residue that may form during the thermal cracking 
of heavy oil. Previous studies have examined potential formation mechanisms (Bagheri et 
al., 2012; Gray and McCaffrey, 2002; Wiehe, 1994). Bagheri et al. (2012) recently 
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studied the in-situ formation of mesophase in a stirred hot-stage reactor (440°C and 4.8 
MPa). The study noted the formation of a small mesophase domains (smaller than 2000 
μm2) and large mesophase domains (greater than 2000 μm2). The total area covered by 
the large mesophase domains (0.2 % of the total area) was considerably greater than the 
area covered by the small mesophase domains (0.01 % of the total area). Larger 
mesophase domains are believed to result from the coalescence of smaller mesophase 
domains.  
The formation of mesophase in hydroprocessors may lead to particle agglomeration, 
potentially impacting the bed fluidization behaviour. Recent studies by Pjontek et al. 
(2014, 2011) investigated the effects of particle size, shape and material on the fluid 
dynamics of a cold-flow ebullated bed with an immiscible secondary liquid phase. Glass 
beads and aluminum cylinders were tested in an ebullated bed with biodiesel, glycerol 
and nitrogen. In the ebullated bed, it was found that particles with smaller diameters (1.5 
mm) exhibited more clustering. Preliminary experiments were also conducted on the 
effects of an immiscible liquid phase in a slurry bubble column. The 100 to 150 µm glass 
bead slurry bubble column was inoperable at much lower glycerol liquid/liquid weight 
fractions (0.7 wt.% loading) when compared to the ebullated bed (still operable at 5 wt.% 
loading) due to complete bed sedimentation.  
Previous studies have shown that using smaller and dispersed catalyst particles in 
hydroprocessing reduces coke formation on the catalyst (Kennepohl and Sanford, 1996). 
It is generally believed that by decreasing the catalyst diameter, reduced mass transfer 
limitations would help equalize the cracking and hydrogenation reaction rates, leading to 
considerably reduced mesophase formation. However, previous studies have shown that 
smaller particles may form agglomerates at much lower secondary liquid loadings 
(Pjontek et al., 2014). Since mesophase is an intermediary phase, it is difficult to prove 
that operational difficulties associated with heavy oil upgrading are due to mesophase 
formation. Nonetheless, prior studies (Gawel et al., 2005; Gray et al., 1999; Mcknight et 
al., 2003) have noted operational issues such as catalyst deactivation due to coke 
formation or deposition of metals on catalyst particles and catalyst bed plugging.  
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The effect of secondary liquid loading on particle agglomeration has been previously 
studied in a slurry bubble column with kerosene and water (Argüelles et al., 1993) and in 
an ebullated bed with biodiesel and glycerol (Pjontek et al., 2011). Both studies found 
that the incremental addition of a secondary liquid phase affected the axial solids holdup. 
Arguelles et al. (1993) found that the addition of small amounts of the secondary liquid to 
the slurry bubble column resulted in particle sedimentation. However, there is a 
secondary liquid loading at which the agglomerates are destroyed and the solid becomes 
uniformly distributed. Pjontek et al. (2011) also observed particle agglomeration as a 
secondary liquid was added resulting in increased apparent particle diameter and 
increasing the local solid holdup at the bottom of the column. The authors did not observe 
particle sedimentation or particle re-fluidization when a large volume of the secondary 
liquid phase. This study will examine a system with a small particle size (smaller than 
either of the presented studies) and a considerably more viscous and dense secondary 
liquid relative to the continuous liquid. Particle agglomeration in a G-L-L-S fluidized bed 
can be caused by Van der Waals forces, electrostatic/Coulombic forces and/or 
interparticle liquid bridging. Van der Waals forces can cause agglomeration due to 
attractive interaction between permanent dipoles (Keesom forces), permanent/induced 
dipoles and dispersion forces of non-polar molecules (London dispersion forces). Van der 
Waals forces are assumed to be negligible for this system since they generally affect 
particles in the range of 10 µm and below (Simons, 1996). Electrostatic forces are 
attractive forces between particles with opposite charges which may be caused by 
triboelectricifaction, ion collection, thermionic emission or frictional charging (Park and 
Fan, 2007). Electrostatic forces affect particles with low electrical dissipation rates such 
as polymers like polyethylene (Park et al., 2002; Sowinski et al., 2010). Electrostatic 
forces are thus assumed to be negligible for this gas-liquid-solid fluidized bed system 
since the liquid phase increases the electrical dissipation in the system. Liquid bridges are 
formed when two particles, which are surrounded by a layer of wetting liquid, collide and 
form a bridge binding the particles together. The attractive force for the previous system 
is thus interparticle liquid bridging, which provides a gas-liquid-solid configuration to 
study the impact of particle agglomeration in a slurry bubble column.  
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There are no known studies on the effect of secondary liquid viscosity on the fluid 
dynamics in a fluidized bed. However, there have been several studies that have 
examined the formation of liquid bridges in gas-liquid-solid systems where the 
continuous fluid is a gas. McLaughlin and Rhodes ( 2001) conducted experiments to test 
the effect of liquid binder properties, such as viscosity, in gas-solid fluidized beds. It was 
found that the liquid bridge strength increases with increased liquid binder viscosity. 
Another study (Ennis et al., 1991) showed that particle rebound may occur above a 
rebound velocity which can be determined by comparing the Stokes number ( VSt ) to the 
critical Stokes number ( *
VSt ): 
 
2
pC,L
0
V
d3
mu8
St

  
(2-1a) 
 













0
*
V
h
h
ln
e
1
1St  
(2-1b) 
If the Stokes number is greater than the critical Stokes number, it is then assumed that the 
particles rebound and do not form a liquid bridge. The previous is due to the decreased 
bridge strength which will dissipate the relative kinetic energy of the colliding particles, 
allowing them to rebound.  
The purpose of this study is to expand on previous particle agglomeration experiments 
(Pjontek et al., 2014) by examining the relative impacts of particle size, secondary liquid 
viscosity, and incremental increases to the secondary liquid loading on the fluidization 
behaviour in a slurry bubble column (i.e., solids holdup profiles, extent of sedimentation). 
This work focuses on the impact of the immiscible liquid phase viscosity on particle 
agglomeration and the required loadings for slurry bubble column inoperability due to 
complete sedimentation.  
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2.2 Materials and methods 
2.2.1 Experimental system 
Experiments were performed at ambient temperature and pressure in a clear polyvinyl 
chloride column with a maximum height of 2.7 m and an inner diameter of 0.1524 m, 
large enough to minimize wall effects on global phase holdups (Kantarci et al., 2005; 
Shah et al., 1982). Gas was introduced at the bottom of the column through a six-legged 
spider-type sparger, where each leg extends from the center of the column and has five 
1.6 mm downward holes angled at alternating 30° angles from the vertical axis to direct 
the gas towards the base of the column for particle suspension. A gas rotameter (model 
FL4611-V from Omega) was used to monitor the gas flow rates and all data was 
collected in the superficial gas velocity range of 28 and 218 mm/s. At the top of the 
column, the exiting gas passed through a demister to remove any entrained biodiesel 
droplets before being exhausted. Pressure profiles were measured using a differential 
pressure transmitter (model 2051 from Rosemount) with a reference port located 57 mm 
above the distributor. Subsequent pressure ports were spaced out as follows: the first four 
by 50.8 mm, the following six by 76.2 mm and the remaining thirteen by 101.6 mm. A 
schematic of the experimental setup is provided in Figure 2.1. 
The range of operating conditions for this study are summarized in Table 2.1. Due to the 
open lab concept where the experiments were conducted, temperature control was 
limited. A temperature indicator in the column was used to monitor temperature changes. 
Uncertainties in the operating conditions were estimated based on rotameter precision 
and fluctuations during experiments. Superficial gas velocities were selected to ensure 
particle fluidization. 
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Figure 2.1: Schematic of slurry bubble column for organic liquids. 
 
Table 2.1: Experimental operating conditions. 
Parameter Symbol Range Units 
Superficial gas velocity GU  88 to 218 (± 2%) mm/s 
Pressure P 1 atm 
Column diameter Cd  152.4 mm 
Temperature T 21 ± 5 °C 
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After each addition of glycerol to the column and before each change in superficial gas 
velocity, the bed was fluidized for 5 minutes at the greatest superficial gas velocity to 
ensure the immiscible liquid phase was well mixed in the slurry bubble column. The bed 
was then fluidized for 5 min at the studied superficial gas velocity for the run to achieve 
steady state based on experimental experience. During the measurements, differential 
pressure readings were taken across the bed in a randomized order at a sampling rate of 
20 Hz for 1 min, the values presented are the average of these readings.  
2.2.2 Fluid properties 
Relevant fluid properties for the continuous liquid and gas in this study are provided in 
Table 2.2. The selection of the continuous and immiscible liquid phases was based on 
expected liquid properties in a hydroprocessor following mesophase formation. However, 
since accurate properties of mesophase (e.g., viscosity, density) are difficult to estimate 
and vary depending on the operating conditions, a range of viscosities and immiscible 
liquid phase loadings were studied. Biodiesel was selected as a relatively low viscosity 
organic liquid which has a relatively low flammability. Glycerol was chosen to simulate 
the immiscible, denser and more viscous mesophase, where its properties can be altered 
by adding water. The glycerol-water mixtures are also known to wet the studied glass 
beads (Pjontek et al., 2014). Both liquids were also selected to minimize health and safety 
concerns while nitrogen was used as the gas phase to reduce the potential of biodiesel 
vapour combustion.  
Table 2.2: Fluid properties for the continuous liquid and gas. 
Parameter Symbol Range Units 
Biodiesel density C,L  870 ± 2 kg/m
3
 
Biodiesel viscosity (H2O) L  6.0 x 10
-3
 ± 1%  Pa s 
Gas density G  1.21 + 0.03 kg/m
3
 
Relevant fluid properties for the studied aqueous glycerol solutions are provided in Table 
2.3. Since the immiscible liquid was found to adhere to the particles and was not 
dispersed in the continuous liquid phase, it was included in the solid density calculations 
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(refer to Section 2.2.3). The viscosities of the two selected aqueous glycerol solutions 
were used to compare viscosities that differed by two orders of magnitude. 
Table 2.3: Fluid properties for the studied aqueous 
glycerol solutions at ambient conditions. 
Cm Density (kg/m)  
Viscosity (Pa·s)  ± 1% 
[20⁰C] 
0.995 1250 1.087 
0.600 1150 0.010 
Viscosities were measured with a rotation viscometer, the Brookfield DV-II+ Pro and the 
glycerol measurements were compared to the relation from Cheng  (2008), which is valid 
for aqueous glycerol mixtures between 0 and 100⁰C: 
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Figure 2.2 shows a comparison of the experimental readings and the correlation. The 
relation was used to calculate the aqueous glycerol viscosity at the operating temperature 
as the measurements were relatively close to the predictions.  
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Figure 2.2: Comparison of individual experimental viscosity measurements of aqueous 
glycerol mixtures and the Cheng relation (2008). 
2.2.3 Solid properties 
Particles were selected to study agglomeration in a slurry bubble column due to the 
introduction of a secondary immiscible liquid. Relevant particle properties for this study 
are provided in Table 2.4. Glass beads were previously shown to agglomerate in the 
biodiesel-glycerol emulsion (Pjontek et al., 2011). Glass beads with diameters between 
45 and 90 µm were selected as a small particle size to be compared to larger particles in 
another study presented in Chapter 3 of this thesis. The average particle diameter was 
measured to be 70.9 µm using the HELOS Particle Size Analysis, the cumulative particle 
size distribution is shown in Figure 2.3. Glycerol was observed to adhere to the particles 
and was not observed dispersed in the continuous liquid phase. To account for the 
particle wetting by the secondary liquid phase, the agglomerate density ( A ) was 
adjusted using the following relation, which assumes the liquid is well distributed over all 
particles:  
     I,LAGSAGA xxx1   (2-3) 
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Although this correction was completed to account for the effect of the secondary liquid 
phase density, the small volume of secondary liquid phase added relative to the volume 
of solids added generally resulted in a negligible effect on the results. The largest change 
in agglomerate density was calculated for an L/S of 0.0667 and Cm of 0.60, where the 
agglomerate density was 2469 kg/m
3
, or 1.68% lower than the glass bead density. 
 
Table 2.4: Physical properties of studied glass bead particles. 
Parameter Symbol Range Units 
Particle density (no glycerol) S  2500  kg/m
3
 
Particle diameter Pd  70.9 ± 18.6 µm 
Sphericity φ ~1 - 
 
 
 
Figure 2.3: Cumulative particle diameter distribution calculated using the HELOS 
Particle Size Analysis, dp ave = 70.9 µm. 
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2.3 Measurement techniques 
2.3.1 Overall gas holdup 
The overall gas holdups ( G ) in the bubble column were obtained by measuring the axial 
dynamic pressure drop, where the hydrostatic head of the continuous liquid phase is 
subtracted. Neglecting frictional drag on the wall and phase accelerations in the vertical 
direction, gas holdups were estimated as follows:  
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Visual estimates of the bed height were recorded to corroborate the gas holdups obtained 
via the pressure drop method in the bubble column. The visual estimate and pressure drop 
calculation were measured in triplicates for ten superficial gas velocities. The average 
and maximum absolute gas holdup differences for both methods were 0.008 and 0.015, 
respectively.  
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Although there is some error associated with this method, the visual method was used to 
estimate the gas holdup for the slurry bubble column experiments since the absolute 
differences were relatively small.  
2.3.2 Axial solid holdup 
The axial solid holdup ( S ) profile was calculated using the dynamic pressure profile: 
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The gas holdup was assumed to be axially uniform in the column in the above equation. 
This assumption was previously justified in bubble column experiments, showing 
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negligible axial gas holdup changes based on the measured dynamic pressure profile of 
the column.  
The axial pressure profile term  dz/dP  in the previous equation was taken as the 
derivative of a fitted curve through the pressure profile data. This method was used to 
minimize the impact of experimental fluctuations in the data on the estimated local solids 
holdup between adjacent pressure ports. The fitted curves were found to be within the 
standard deviation of each individual reading. A third order polynomial was fitted 
through the pressure profile data (Figure 2.4a), to allow for curvature in the axial solid 
holdup profile (Figure 2.4b). Figure 2.4a shows a pressure profile where the fitted curve 
fits within the standard deviation of the individual pressure readings. Figure 2.4b 
compares the derivative of the fitted curve method to the linear approximation of the 
dynamic pressure drop between adjacent pressure ports. In this work, individual 
measurements will be represented by individual points and profiles calculated using 
relations or fitted curves will be represented by lines.  
 
Figure 2.4: Comparison of individual measurements and third order fitted curve for solid 
holdup measurement with Ψ = 0.083 solids loading, dp = 70.9 µm, L/S = 0.0333, CM = 
0.995, and UG = 152 mm/s. 
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2.4 Results and discussion 
2.4.1 Bubble column 
Experiments were first carried out in a gas-liquid bubble column to investigate the gas 
holdup obtained with the six-pronged gas sparger and to estimate the reproducibility of 
the method prior to the slurry bubble column runs. Average axial pressure profiles of 
triplicate runs in the bubble column are presented in Figure 2.5, where the error bars 
represent the standard deviation obtained for the three runs.    
 
 
Figure 2.5: Average axial dynamic pressure profiles as a function of superficial gas 
velocity in the bubble column. Error bars represent the standard deviation between 
triplicate runs. 
The error bars on Figure 2.5 demonstrate that the dynamic pressure drop measurements 
were very consistent between replicate runs. These results demonstrated the repeatability 
of the method and were used to justify measuring the axial dynamic pressure profile for a 
single run for the remaining experiments. Additionally, the linearity of the axial pressure 
profiles indicated that the gas holdup was generally constant throughout the column. 
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The pressure drop and visual methods, discussed in Section 2.3.1 , were also compared to 
determine the reliability of the visual method. The average and maximum absolute 
deviation between the two methods were 0.008 and 0.015 respectively. Deviations 
between the two methods were considered small enough that the visual measurement 
method was used for slurry bubble column experiments.   
2.4.2 Gas-liquid-solid slurry bubble column 
Experiments were carried out in a gas-liquid-solid (G-L-S) fluidized bed to investigate 
the base case system fluid dynamics prior to the addition of the secondary immiscible 
liquid phase. Solid holdups in the G-L-S slurry bubble column were examined for 
multiple solids loadings (Figure 2.6). As expected, the measured solids holdup profiles 
increased with greater solids loading, further demonstrating the non-invasive method. No 
particle agglomeration was visually observed and the solid profiles were relatively 
constant, indicating that the particles were well distributed in the column. The observed 
curvature for Ψ = 0.083 and Ψ = 0.165 was different from what was initially expected. 
The trend was further confirmed by extrapolating the curve to the recorded expanded bed 
height and using the area under the curve to calculate an estimate of the solids detected in 
the column. This estimate found that between 85% and 95% of solids were detected in 
the column, which was comparable to measurements using another particle size and other 
sparger designs. It is thus believed that this curvature may be due to the specific flow 
patterns obtained with this particle size and sparger design. The initial downward bubble 
flow exiting the sparger may actively push the particles into the base of the column, 
resulting in a more pronounced gradient in the column for the studied particle size. This 
curvature was not observed for Ψ = 0.123, as the axial solid holdup profile for this 
loading was flatter and curved slighted downwards for all velocities.   
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Figure 2.6: Solid holdup profiles as a function of solids loading in a G-L-S slurry bubble 
column at a) UG = 152 mm/s b) UG = 174 mm/s c) UG = 196 mm/s and d) UG = 218 
mm/s. 
Gas holdups in the gas-liquid-solid column for multiple solids loadings were compared to 
the relation from Behkish et al. (2006):  
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Table 2.5 presents the parameters used in Equation (2-7).  
Table 2.5: Parameter values used for the Behkish et al. correlation (Equation (2-7)). 
Parameter Value Units Comment 
G  1.21 kg/m
3
  
C,L  
5.6×10
-3 
Pa s 
measured with Brookfield DV-II+ Pro rotational 
viscometer 
C,L  30.6×10
-3
 N m
-1  
TP  0.1 MPa total vapor pressure 
SP  
0 
MPa 
vapor pressure of liquid assumed to be 0 due to low 
volatility of biodiesel 
Ψ 
0.035 to 
0.098  
 
 
Pd  70.9×10
-6
 m HELOS Particle Size Analysis triplicates average 
WX  1.0  one component liquid phase (biodiesel) 
dK  
1.000 
 
distributor coefficient for spider gas sparger 
configuration  
ON  30  number of orifices 
Od  1.6×10
-3
 m  
  
0.015 
 
distributor exponent for spider gas sparger 
configuration  
Gas holdups in the gas-liquid-solid column were calculated for multiple solids loadings 
using the visual measurement method and compared to the values from the Behkish 
relation (BR) and are presented in Figure 2.7. The average and maximum absolute 
differences between the gas holdup predicted by Behkish et al.’s correlation (Behkish et 
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al., 2006) and the gas holdup from the visual measurement were 0.0081 and 0.0139, 
respectively. As predicted using the relation from Behkish et al. (2006), the superficial 
gas velocity has a positive effect on the gas holdup for all solids loadings. The increased 
solids concentration led to reduced gas holdups. The augmented solids concentration 
leads to an increase in the slurry viscosity, which promotes the coalescence of gas 
bubbles when compared to a system with a lower slurry viscosity (Kim et al., 2014). A 
larger bubble will have an increased rise velocity in the column, reducing the bubble’s 
residence time in the column. Raising the solid concentration can thus augment the slurry 
viscosity, which can lower the overall gas holdup (Inga and Morsi, 1999). Previous 
studies have shown the impacts of solids concentration on gas holdup are more 
pronounced under high superficial gas velocities (B. Gandhi et al., 1999; Kim et al., 
2014). The impact of other properties on gas holdup in slurry bubble columns have been 
previously studied, including:  liquid viscosity (Kim et al., 2014), physical properties of 
the gas and system pressure (Inga and Morsi, 1999), slurry viscosity (B. Gandhi et al., 
1999) and gas sparger (Kulkarni et al., 2009). All but one of the visual results were 
greater than the predicted gas holdups.  
 
Figure 2.7: Comparison of gas holdup as a function of solids loading in a gas-liquid-
solid slurry bubble column from the visual measurements (individual data points) and 
calculated using the relation from Behkish et al. (2006) (lines). 
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2.4.3 Gas-liquid-liquid-solid slurry bubble column 
After the G-L-S slurry bubble column experiments, the system fluid dynamics were 
investigated following the addition of aqueous glycerol solutions. As discussed in Section 
3.1, gas holdups were calculated based on visual estimates of the slurry height compared 
to the static liquid height. 
2.4.3.1 Impact of secondary liquid phase loading 
Slurry bubble column gas holdups while varying the secondary liquid phase loading for 
Ψ = 0.083 solids loading are presented in Figure 2.8. Prior to the glycerol addition (L/S = 
0.000), no particle agglomeration was observed and the gas holdups increased at an 
approximately constant rate as the superficial gas velocity was augmented. Gas holdups 
were observed to decrease as glycerol was added.  It was also observed that the highest 
glycerol loadings (greater than L/S = 0.033) resulted in the lowest gas holdups for both 
studied glycerol viscosities. It should be noted that total sedimentation was observed at 
secondary liquid phase loadings greater than L/S = 0.0333. At lower loadings, particles 
were fluidized and negligible sedimentation was observed in the column. Above a 
secondary liquid phase loading of L/S = 0.0333, the gas sparger was covered by 
sedimented particles at the bottom of the column (Figure 2.9). The gas was observed to 
flow through the sedimented particles, modifying the sparger behaviour. Although the 
exact behaviour was difficult to visually observe, the observed gas holdups lead to 
believe that the gas passing through the sedimented particles resulted in gas channeling, 
producing larger bubbles and a reduced gas residence time. In a previous study on a G-L-
L-S slurry bubble column (Pjontek et al., 2014), negligible changes in gas holdups were 
observed with the addition of an immiscible liquid phase. The previous study however 
did not report data for a fully sedimented system. 
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Figure 2.8: Effect of immiscible liquid phase loading on axial gas holdups in the solid-
liquid-gas slurry bubble column with Ψ = 0.083 for a) CM = 0.995 and b) CM = 0.6. Lines 
were added between individual data points to make comparisons clearer. 
 
 
Figure 2.9: Photograph of particle sedimentation with the spider sparger at UG = 196 
mm/s with L/S = 0.0416, Ψ = 0.083, CM = 0.995 and dp = 70.9 µm. 
The solids holdup profiles as a function of immiscible liquid phase loading for Ψ = 0.083 
solids loading before and after glycerol (CM = 0.6) addition are presented in Figure 2.10. 
Prior to glycerol addition, local solid holdups were approximately constant along the 
axial length of the column based on the dynamic pressure profile. Axial solid holdup 
profiles after the glycerol addition showed a decrease as function of column height, 
indicating vertical particle segregation based on the agglomerate size. Interparticle liquid 
bridging produces a greater net gravitational force relative to the increased drag force for 
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a particle agglomerate when compared to individual particles (i.e., increased volume 
versus greater projected cross sectional area). The observed higher solids fraction loading 
at the bottom half of the column reflected the previous as the agglomerates were not 
fluidized as easily when compared to a gas-liquid-solid system.  
 
Figure 2.10: Effect of secondary liquid phase loading on solid holdup in the G-L-L-S 
slurry bubble column with Ψ = 0.083 for CM = 0.995 at (a) 218 mm/s and (b) 174 mm/s. 
The axial solid holdup profiles after the glycerol addition intersect the gas-liquid-solid 
profile approximately below the middle of the studied column height. It is important to 
note that data was only collected from pressure ports that were below the liquid line prior 
to the introduction of gas to the column (i.e., below the static liquid height). Pressure 
ports and the subsequent tubing that were above the static liquid height were not used as 
they would likely contain gas pockets that impact the pressure readings. The intersection 
of the solid profiles was expected as the amount of solids in the column was constant 
between runs, where comparable results were obtained in a previous study (Pjontek et al., 
2014). As glycerol was added to the column, the local solids holdup at the bottom of the 
column increased and produced a steeper solid holdup profiles, indicating enhanced 
particle agglomeration with higher glycerol loading. No additional particles were added 
to the column between runs and the volume of glycerol added was too small to cause a 
considerable increase in solid holdup (the maximum volume of glycerol added was 80 
mL compared to 1600 mL of solids added). The observed modifications to the solids 
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holdup profiles can thus be attributed to particle agglomeration from interparticle liquid 
bridging.   
The addition of a secondary immiscible liquid phase considerably impacted particle 
suspension, as even the lowest studied glycerol loading (L/S  = 0.0167) and highest 
superficial gas velocity (218 mm/s) altered the axial solid holdup profile. Furthermore, 
the particles were defluidized at L/S = 0.0500 and could not be refluidized at even the 
highest gas flow rate tested (UG = 218 mm/s). This may be partly because of the gas 
distributer used, future work could investigate the distributor geometry to improve 
solids/agglomerates suspension and minimize stagnant areas at the bottom of the column.  
2.4.3.2 Impact of secondary liquid phase viscosity 
Axial slurry bubble column solid holdups while varying the secondary liquid phase 
viscosity for a Ψ = 0.083 solids loading are presented in Figure 2.11. Similar to the 
results shown in Figure 2.10, the axial solid holdup profiles were considerably affected 
by the addition of glycerol. Both profiles after glycerol addition showed a decrease as a 
function of column height. At this secondary liquid loading, visible sedimentation was 
observed with the more viscous secondary liquid (Cm = 0.995) and no sedimentation was 
observed with the less viscous secondary liquid (Cm = 0.60). Figure 2.11 does not show a 
considerable difference between the solid holdups for the secondary liquids with different 
viscosities however there was only sedimentation with the higher secondary liquid 
viscosity (Cm = 0.995), suggesting a viscosity increase would increase interparticle liquid 
bridge formation. This agrees with the Stokes comparison where the viscous Stokes 
number decreases with increasing secondary liquid viscosity   
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Figure 2.11: Solid holdups as a function of secondary liquid phase viscosity in a G-L-L-
S slurry bubble column with Ψ = 0.083 solids loading and a glycerol loading of L/S = 
0.0333 at a) 218 mm/s and b) 196 mm/s. 
These results were further confirmed by comparing the height of sedimented particles for 
the two viscosities (Figure 2.12). It confirms that the system with higher secondary liquid 
viscosity (Cm = 0.995) generally exhibited more sedimentation behaviour than the system 
with the lower secondary liquid viscosity (Cm = 0.6). The sedimented particle height is 
the height of sedimented particles measured from the side of the column.  These observed 
trends based on the secondary liquid phase viscosity agree with the Stokes comparison, 
where the viscous Stokes number is inversely proportional to secondary liquid viscosity. 
It is also important to note that these sedimented particles may not be accurately 
represented in the solid holdup profiles (Figure 2.11) especially at higher L/S volumetric 
ratios. The reason this trend is not observed in the solid holdup profiles likely due to the 
reference port being completely within the sedimented portion of the column, affecting 
results. 
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Figure 2.12: Comparison of sedimented particle height as a function of secondary liquid 
viscosity as secondary liquid loading increases incrementally. 
2.5 Conclusions 
The impact of solids loading was investigated with Ψ = 0.083, Ψ = 0.123 and Ψ = 0.165 
loadings in a gas-liquid-solid slurry bubble column with 45 to 90 µm glass beads. The 
secondary liquid phase loading was then studied by incrementally adding glycerol to the 
slurry bubble column. Immiscible phase liquid viscosity was investigated by using 
aqueous glycerol solutions of with CM = 0.6 and CM = 0.995, which have viscosities that 
differ by two orders of magnitude. Secondary liquid viscosity and loading were found to 
affect agglomeration behaviour in a gas-liquid-liquid-solid slurry bubble column tested 
within a range of different superficial gas velocities.  
The pressure profiles in the bubble column with nitrogen and biodiesel were that were 
linear indicating that the axial gas holdup was constant through the column since the 
differential change in pressure was constant. Axial solids holdups in a G-L-S slurry 
bubble column with nitrogen, biodiesel and glass beads indicated that the method 
produced results that were in line with observations, where the solids holdups increased 
with increased solid loadings.  These results followed expectations and observations 
confirming the validity of the methods.  
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Particle agglomeration and bed defluidization were observed following the addition of 
glycerol (L/S = 0.033 for Cm = 0.995 and L/S = 0.0500 for Cm = 0.60) to the slurry 
bubble column. The axial solid holdup showed a greater decrease as a function of column 
height, indicating axial particle segregation based on agglomerate size. Increased glycerol 
loading resulted in more agglomeration based on elevated solids holdups at the bottom of 
the column. 
The axial solid holdup profiles with the lower viscosity showed a greater decrease as a 
function of the column height. This contradicted the assumption that the immiscible 
liquid phase with the greater viscosity would form more stable liquid bridges, resulting in 
more particle agglomeration.  
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Chapter 3  
3 Effects of particle size and sparger design 
3.1 Introduction 
Particle agglomeration in G-L-L-S fluidized beds can be caused by Van der Waals forces, 
electrostatic/Coulombic forces and/or interparticle liquid bridging. Van der Waals forces 
are attractive forces that occur due to interaction between permanent dipoles (Keesom 
forces), permanent/induced dipoles and dispersion forces of non-polar molecules 
(London dispersion forces). Van der Waals forces generally affect particles in the micron 
range (<10µm) (Simons, 1996). Electrostatic forces are attractive forces that occur due to 
interaction between particles with opposite charges which may be caused by 
triboelectricifaction, ion collection, thermionic emission or frictional charging (Park and 
Fan, 2007). These forces typically affect particles with low electrical dissipation rates 
such as polymers (Park et al., 2002; Sowinski et al., 2010). Use of a liquid in gas-liquid-
liquid-solid fluidized beds increases a system’s electrical dissipation, generally reducing 
electrostatic forces between particles. Liquid bridges are formed when two particles, 
surrounded by a layer of a wetting liquid, collide and for a bridge binding the particles 
together. Particle agglomeration in a nitrogen-biodiesel-glass-bead system has been 
previously observed only after the addition of a secondary immiscible liquid such as 
glycerol (Pjontek et al., 2014) which wets the particles. The attractive force for the 
previous system is thus interparticle liquid bridging, which provides a gas-liquid-solid 
configuration to study the impact of particle agglomeration in a slurry bubble column.  
Hydroprocessing a heavy feedstock can generate mesophase a secondary liquid phase due 
to an accelerated rate of thermal cracking relative to the rate of hydrogenation. 
Hydroprocessing is a temperature-sensitive process, whereby small increases in 
temperature can result in the formation of the previous coke-precursor material. 
Mesophase was first identified and characterized by its optical anisotropy when observed 
under polarized light (Bisoyi and Kumar, 2010; Brooks and Taylor, 1965). Coke is 
generally defined as toluene insoluble materials and is believed to originate from the 
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asphaltene fraction in the hydroprocessor feedstock (Srinivasan and McKnight, 1994). 
Mesophase is thus an intermediate phase between solid coke and vacuum residue is 
characterized as polar, denser and more viscous when compared to the continuous liquid 
in a hydroprocessor (Srinivasan and McKnight, 1994). Previous studies have examined 
potential formation mechanisms (Bagheri et al., 2012; Gray and McCaffrey, 2002; 
Wiehe, 1994). A recent study by Bagheri et al. (2012), studied the in-situ formation of 
mesophase in a stirred hot-stage reactor (440°C and 4.8 MPa). The study noted the 
presence of large (surface area greater than 2000 μm2) and small (surface area less than 
2000 μm2) mesophase domains and suggested that the large domains were formed due to 
the coalescence of smaller domains. Another study by Sharshar et al. (2015) studied the 
effect of temperature, catalyst concentration, partial pressure of hydrogen and agitation 
speed on mesophase onset time. The authors found that as the temperature was increased 
the mesophase onset time decreased and as catalyst concentration was increased, the 
mesophase onset time increased. The other paramters were not found to have a significant 
effect on mesophase onset time over the range of operating conditions tested.  
The formation of this secondary immiscible liquid phase may result in particle 
agglomeration due to interparticle liquid bridging and could impact the fluidized bed 
behaviour. Previous studies have examined the effects of particle size, shape and material 
in a cold-flow ebullated bed (Pjontek et al., 2014, 2011) and the secondary liquid phase 
loading in a slurry bubble column (Siquier et al., 1991). Pjontek et al. (2014) studied 
nitrogen-biodiesel-glycerol system with glass beds and aluminum cylinders. They found 
that the smaller diameter particles (1.5 mm) demonstrated more signs of clustering when 
compared to the larger particles (4 mm). The authors also carried out preliminary tests in 
a slurry bubble column and found that the G-L-L-S system with glass beads between 100 
and 150 µm was inoperable at a much lower glycerol loading (0.7 wt.% overall liquid 
loading) when compared to the ebullated bed, which continued to operate at 5 wt.% 
overall liquid loading. Siquier et al. (1991) measured the density gradient using a 
sampling probe as a secondary liquid was added to the system in a cold-flow atmospheric 
slurry bubble column system with atmospheric air, kerosene, water and glass beads (dp = 
110 µm). The authors identified three different situations depending on the operating 
conditions: 
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 Case 1: Two regions of solid suspension are observed. At the bottom of the 
column, all four phases are present and particles have begun to cluster due to 
the secondary immiscible liquid. Above this region, there are small amounts 
of particles suspended in the continuous liquid and no secondary phase is 
present.  
 Case 2: Solid particles settle to the bottom of the column and form compact 
sedimentation. The secondary liquid is primarily found wetting the particles 
and filling the interparticle space. The remainder of the column contains 
relatively small amount of particles and no secondary liquid. 
 Case 3: Solids are fluidized similarly to before the secondary phase addition. 
Siquier et al. (1991) observed that as the secondary phase was added, the particles formed 
larger agglomerates and behaved like larger particles with a higher sedimentation 
velocity, affecting the axial solid holdup profile.  
Previous studies have shown that using smaller and dispersed catalyst particles in 
hydroprocessing reduces coke formation on the catalyst (Kennepohl and Sanford, 1996). 
It has been suggested that decreasing the catalyst diameters would increase the gas to 
liquid hydrogen mass transfer and help equalize the thermal cracking and hydrogenation 
reaction rates, thus minimizing the formation of mesophase. Nonetheless, a prior study 
observed that smaller particles may form agglomerates at considerably lower secondary 
liquid loadings (Pjontek et al., 2014). Current industrial hydroprocessors have an 
ebullated bed configuration, where the liquid (e.g., atmospheric and vacuum residue) and 
gas (e.g., hydrogen, evaporated lighter products) flow co-currently through a contained 
bed of catalyst particles (1 mm < dp < 5 mm). Fluidization in the previous configuration 
is mainly the result of the liquid flowing through the particles, where an internal liquid 
recycle line increases the liquid residence time. Slurry bubble column hydroprocessors 
have also being studied at the pilot scale (Rana et al., 2007; Zhang et al., 2007). 
Fluidization in a slurry bubble column configuration is mostly the result of the induced 
local liquid flow from the wakes of rising bubbles which provides particle suspension (5 
μm < dp < 150 μm). The particle diameter in a gas-liquid-liquid-solid system can thus 
40 
greatly influence the agglomeration tendencies in a hydroprocessor subject to mesophase 
formation.  
Gas sparger design is also critical for overall mixing and performance in a multi-phase 
reactor. Many sparger designs are commercially available; however, they can be broadly 
divided into two categories: plate and pipe spargers. The most common plate sparger is a 
perforated plate sparger, while other designs also include porous plates and bubble cap 
plates. Common pipe sparger designs include straight pipe, single ring, multiple ring and 
spider spargers. Gas spargers are mainly characterized based on the orifice size, number 
of orifices and sparger position. Gandhi et al. (1999) examined the effect of orifice 
orientation and sparger height for a spider sparger in a slurry bubble column. The authors 
observed that a sparger with downward facing orifices was more effective in solids 
dispersion as the gas jets from the downward facing orifices provide good agitation 
promoting solids dispersion. The ideal sparger height for their system with a downward 
facing sparger at superficial gas velocity greater than 0.1 m/s was 0.05 m. The study also 
suggested minimizing the sparger height with an upward facing sparger. Siquier et al. 
(1991) and Pjontek et al. (2014) observed particle sedimentation at the bottom of the 
column with a pipe sparger and a perforated plate sparger respectively. No studies have 
previously been completed to compare the effect of sparger design on system operability 
in a gas-liquid-liquid-solid system where interparticle liquid bridging occurs. 
The purpose of this study is thus to expand on previous particle agglomeration 
experiments (Pjontek et al., 2014; Siquier et al., 1991) by investigating the impact of the 
particle diameter on the overall fluid dynamics of a slurry bubble column (i.e., solids 
holdup profiles, extent of sedimentation) subjected to interparticle liquid bridging. The 
secondary liquid phase loading and viscosity will also be varied throughout the 
experiments to provide a broader range of experimental conditions. This work will also 
investigate whether the sparger design used to disperse gas into the system has an effect 
on the overall sedimentation behaviour.  
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3.2 Materials and methods 
3.2.1 Experimental system 
Experiments were performed at atmospheric conditions in a clear polyvinyl chloride 
column with a maximum height of 2.7 m and an inner diameter of 0.1524 m, large 
enough to minimize wall effects on global phase holdups (Kantarci et al., 2005; Shah et 
al., 1982). Gas was introduced at the bottom of the column. Superficial gas velocities 
were varied between 28 and 218 mm/s and monitored using a rotameter (model FL4611-
V from Omega). Gas exited the system at the top of the column, passing through a 
demister to remove any entrained biodiesel droplets before being exhausted. A 
differential pressure transmitter (Rosemount 2051) was used to measure the dynamic 
pressure profiles with a reference port located 57 mm above the distributor. Subsequent 
pressure ports were spaced out as follows: the first four by 50.8 mm, the following six by 
76.2 mm and the remaining thirteen by 101.6 mm. A schematic of the experimental setup 
is provided in Figure 3.1. 
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Figure 3.1:. Schematic of slurry bubble column for organic liquids. 
Three gas spargers were used in this study, a spider sparger, a flat perforated plate 
sparger and a conical-shaped perforated plate sparger. The spider sparger has six legs 
extending from the center of the column 6 cm above the base of the column and each leg 
has five 1.6 mm orifices angled downwards with a 30° angle to direct gas towards the 
base of the column for particle suspension. The flat perforated plate sparger has thirty 1.6 
mm orifices above a small windbox, used to evenly distribute the gas flow across the 
plate. The cone-shaped perforated plate has an angle of 10° towards the center of the 
column with thirty 1.6 mm orifices above a small windbox. It should be noted that each 
sparger has an equal number of orifices and equivalent orifice diameters, thus isolating 
the impact of the orifice location and the shape or design of the sparger on the observed 
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agglomeration behaviour in the slurry bubble column. Since, the orifice diameter and 
number of orifices are known to affect the total gas holdup in the column, the spider 
sparger was designed considering the Weber number: 
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Since it has been reported that bubble breakup and axial mixing are enhanced when the 
Weber number is greater than 2 (Deckwer, 1992), the sparger was designed exceed the 
previous value for the studied superficial velocities. The Weber number for this system is 
calculated to be 45.5 at a minimum superficial gas velocity of 88 mm/s. Table 3.1 
presents the parameters used in Equation (3-1). 
Table 3.1: Parameter values used for Equation (3-1). 
Parameter Symbol Value Units 
Superficial gas velocity GU  0.088 m/s 
Gas density ρG 1.2 kg/m
3
 
Column diameter Cd  0.152 m 
Number of orifices No 30  
Orifice diameter dO 0.00159 m 
Surface tension 
LG
  0.0306 N/m 
A summary of the experimental operating conditions is presented in Table 3.2. Due to the 
open lab concept where the experiments were conducted, temperature control was 
limited. Temperature changes were monitored in the column with a temperature 
indicator. Operating condition uncertainties were based on instrument precision and 
observed fluctuations during experiments.  
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Table 3.2: Experimental operating conditions. 
Parameter Symbol Range Units 
Superficial gas velocity GU  88 to 218 (± 2%) mm/s 
Pressure P 1 atm 
Column diameter Cd  152.4 mm 
Temperature T 21 ± 5 °C 
After each addition of glycerol to the column and before each change in superficial gas 
velocity, the bed was fluidized for 5 minutes at the greatest superficial gas velocity for 5 
min to ensure the secondary liquid phase was evenly dispersed. The bed was then 
fluidized for 5 min at the superficial gas velocity for the run to ensure that the bed was at 
steady state. Once the bed was adequately mixed, differential pressure readings were 
taken across the bed in a randomized order. The pressure drop readings presented are the 
average of readings taken over 1 min at a sampling rate of 20 Hz.  
3.2.2 Fluid properties 
The continuous and secondary liquid phases were selected based on the expected liquid 
properties in an industrial hydroprocessor following mesophase formation. The properties 
of mesophase are difficult to estimate and vary depending on the operating conditions 
and feed composition; a range of secondary liquid phase viscosities and loadings were 
thus studied. Glycerol was selected to simulate the denser and more viscous secondary 
phase because its properties can be readily altered by adding water. Aqueous glycerol 
solutions have previously been studied in an agglomerating system and are known to wet 
the studied glass beads. Biodiesel was selected to simulate the continuous phase as it is a 
relatively low viscosity organic liquid with a low flammability risk. The liquid phases 
were also selected to minimize health and safety concerns while nitrogen was used as the 
gas phase to reduce the potential of biodiesel vapour combustion. Relevant fluid 
properties for the continuous liquid and gas in this study are provided in Table 3.3. 
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Table 3.3: Fluid properties for the continuous liquid and gas. 
Parameter Symbol Range Units 
Biodiesel density C,L  870 ± 2 kg/m
3
 
Biodiesel viscosity L  6.0 x 10
-3
 ± 1%  Pa s 
Gas density G  1.21 + 0.03 kg/m
3
 
Relevant fluid properties for the studied aqueous glycerol solutions are provided in Table 
3.4. During the slurry bubble column experiments as well as in isolated containers for 
initial observations, the secondary liquid was found to adhere to the glass beads and was 
thus not well dispersed in the continuous liquid phase. To accurately represent this 
behaviour, the impact of the secondary liquid was approximated in the solid density 
calculates (refer to Section 3.2.3). The viscosities of the two selected aqueous glycerol 
solutions were used to compare viscosities that differed by two orders of magnitude. 
Table 3.4: Fluid properties for the studied aqueous glycerol solutions at ambient 
conditions. 
Cm Density (kg/m) 
Viscosity (Pa·s)  ± 1% 
[20⁰C] 
0.995 1250 1.087 
0.600 1150 0.010 
Viscosities were calculated using the relation from Cheng (2008) which is valid for 
aqueous glycerol mixtures between 0 and 100⁰C: 
 T0017.0705.0a   (3-2a) 
 5.2a)T036.09.4(b   (3-2b) 
 
)C1(baC
)C1(abC
C1
mm
mm
m


  
(3-2c) 
  1gwI,L  (3-2d) 
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These values were compared to experimental measurements using a rotational 
viscometer, the Brookfield DV-II+ Pro. Experimental readings were relatively close to the 
relation, the relation was hence used to calculate the aqueous glycerol viscosity at the 
operating temperature.  
3.2.3 Particles properties 
Relevant particle properties for this study are provided in Table 3.5. Glass beads were 
selected as the solid phase since it has previously shown to agglomerate in a biodiesel-
glycerol (Pjontek et al., 2011). Two glass bead particle diameter ranges were chosen to 
study the effect of particle size on agglomeration. Glass beads with diameters between 45 
and 90 µm as well as between 125 and 180 μm were selected as the small and large 
particle sizes, respectively. These ranges were selected as the ranges do not overlap and 
as they are within typical operating ranges for slurry bubble column particle diameters. 
The average particle diameter of the larger particles was measured to be 154.0 µm and 
the average particle of diameter of the smaller particles was measured to be 70.9 µm 
using the HELOS Particle Size Analysis, the cumulative particle size distributions are 
shown in Figure 3.2. The agglomerate density ( A ), required for the solids holdup profile 
measurement, was adjusted based on the assumption that the secondary immiscible liquid 
is evenly distributed over all particles:   
     I,LAGSAGA xxx1    (3-3) 
Although this correction was completed to account for the effect of the secondary liquid 
phase density, the small volume of secondary liquid phase added relative to the volume 
of solids added generally resulted in a negligible effect on the results. The largest change 
in agglomerate density was calculated for an L/S of 0.0667 and Cm of 0.60, where the 
agglomerate density was 2469 kg/m
3
, or 1.68% lower than the glass bead density. 
47 
Table 3.5: Particle physical properties. 
Parameter Symbol Range Units 
Particle density (no glycerol) S  2500  kg/m
3
 
Particle diameter (small) Pd  70.9 ± 18.6 µm 
Particle diameter (large) Pd  154.0 ± 39.1 µm 
Sphericity φ ~1 - 
 
 
Figure 3.2: Cumulative particle diameter distribution calculated using the HELOS 
Particle Size Analysis, dp ave small = 70.9 µm and dp ave large = 154.0 µm. 
3.3 Measurement techniques 
3.3.1 Overall gas holdup 
Visual measurements for the change in static liquid and slurry heights during operation 
were used to estimate the overall gas holdup: 
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These measurements were previously compared to overall gas holdups measuring using 
the dynamic pressure profile in a gas-liquid bubble column. The visual estimate and 
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pressure drop calculation were measured in a bubble column in triplicates for ten 
superficial gas velocities. The average and maximum absolute gas holdup differences for 
both methods were 0.008 and 0.015, respectively. The method comparison found that 
although there is some error associated with the visual method, the absolute difference 
was sufficiently small to use the visual measurements for the gas-liquid-liquid-solid 
slurry bubble column experiments.  
3.3.2 Axial solid holdup 
The axial solid holdup ( S ) profile was calculated using the dynamic pressure profile: 
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(3-5) 
The gas holdup was assumed to be axially uniform in the column in the above equation. 
This assumption was previously justified in bubble column experiments, showing 
negligible axial gas holdup changes based on the measured dynamic pressure profile of 
the column.  
The axial pressure profile term  z/P   in the previous equation was taken as the 
derivative of a fitted curve through the pressure profile data. This method was used to 
minimize the impact of experimental fluctuations in the data on the estimated local solids 
holdup between adjacent pressure ports. A third order polynomial was used to fit the 
pressure profile data. Figure 3.3a demonstrates the polynomial fitted curve for the 
dynamic pressure profile data, which is located within the standard deviation of the 
individual readings. Figure 3.3b compares the local solid holdup calculated using a 
derivative estimate method based on linear interpolation between adjacent pressure 
readings and the derivative of the fitted polynomial. In this work, individual 
measurements will be represented by individual data points and profiles calculated using 
relations or fitted curves will be represented by lines.  
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Figure 3.3: Comparison of estimate based on individual pressure measurements and third 
order fitted curve for the solid holdup profile with Ψ = 0.077 solids loading, dp = 154.0 
µm , L/S = 0.033, CM = 0.6, and UG = 218 mm/s. 
3.3.3 Flowability tests with the Revolution Powder Analyzer 
Experiments were also conducted in a Revolution Powder Analyzer (RPA), a small scale 
unit used to measure a powder’s ability to flow, consolidate, granulate, cake, pack and 
fluidize in a rotating drum (Mercury Scientific, 2010). The RPA consists of a rotating 
drum, a digital camera and a light shining through the drum towards the digital camera. 
The accompanying software is used to measure the powder’s behaviour due to the drum 
rotation from the images collected over time and use this data to calculate parameters that 
represent some of the powder’s properties and behaviour. The powder’s behaviour is 
monitored over a number of avalanches which are defined as a surface movement of a 
specific percentage volume of the drum. The RPA was tested as a screening method for 
comparison with the slurry bubble column experiments. If successful this could be a 
valuable tool to examine where particle agglomeration and sedimentation is a concern in 
a specific system.  
For the RPA measurements, 165 g of glass beads and 145 g of biodiesel were added to 
the rotating drum and aqueous glycerol was added incrementally between runs. The 
volume of glass beads added was approximately 110 cm
3
 which is within the range 
recommended by the manufacturer (80 to 120 cm
3
). After loading the mixture in the 
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drum, a preparation time of 100 s was elapsed before initiating the analysis. The rotation 
speed used was 0.6 rotations per minute, which was chosen after comparing the 
manufacturer recommended speeds of 0.6 rpm and 0.3 rpm for repeatability and to 
minimize run time. Data was collected for 150 avalanches; one avalanche is recorded 
when the energy level of the powder drops by more than the avalanche threshold level 
(0.3%). The avalanche threshold level used in this study is relatively low compared to 
what has been used in other studies; however it is still within the range recommended by 
the manufacturer. It was found in preliminary tests that a low avalanche threshold was 
more accurate at detecting avalanches while also minimized running time.  
The software summarized a variety of statistics including the avalanche angle and break 
energy. The avalanche angle is the angle of the powder at the maximum power prior to 
the start of the avalanche occurrence. The RPA software calculates the angle from the 
center point of the powder edge to the top of the powder edge prior to each avalanche and 
outputs the average of all the angle measurements. The break energy is the average of the 
maximum energy level of the sample powder before an avalanche begins, which can be 
used to qualitatively compare agglomerate strength. 
3.4 Experimental results 
3.4.1 Effect of particle size 
Experiments were first carried out in a gas-liquid-solid (G-L-S) slurry bubble column 
with a six-legged spider sparger to investigate the base case fluid dynamics, prior to 
adding the secondary liquid phase. Solid holdups in the G-L-S slurry bubble column, 
shown in Figure 3.4, were examined for two solid slurry loadings with two particle size 
ranges (average dp = 70.9 and 154.0 μm). The axial solid holdups profiles demonstrate 
that the smaller particles were better dispersed in the column at UG = 169mm/s. The axial 
solids holdup profile decreased along the height of the column for the range of superficial 
gas velocities studied, indicating that the larger particles were less well dispersed 
throughout the column. The larger particles have a greater net gravitational force relative 
to the increased drag force and thus are not as well dispersed in the column with the 
spider gas sparger. 
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Figure 3.4: Solid holdup as a function of solids loading in a  G-L-S slurry bubble column 
at a) 154.0 mm/s and b) 174 mm/s c) 196 mm/s and d) 218 mm/s. 
Figure 3.5 compares the experimentally measured gas holdups in the gas-liquid-solid 
slurry bubble column obtained for multiple solids loadings to the relation from Behkish et 
al. (2006):  
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Table 3.6 presents the parameters used in Equation (3-6). 
 
Figure 3.5: Gas holdup as a function of solids loading in a gas-liquid-solid slurry bubble 
column using the relation from Behkish et al. (2006) (lines) and individual visual 
measurements (data points). 
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Table 3.6: Parameter values used for the Behkish et al. (2006) correlation (Equation (3-6)). 
Parameter Value Units Comment 
G  1.21 kg/m
3
  
CL,  5.6×10
-3 
Pa s measured with Brookfield DV-II+ Pro rotational viscometer 
CL,  30.6×10
-3
 N m
-1 
 
TP  0.101325 MPa total vapor pressure 
SP  
0 MPa vapor pressure of liquid assumed to be 0 due to low volatility 
of biodiesel 
Ψ 
0.035 to 
0.098  
  
WX  1.0  one component liquid phase (biodiesel) 
dK  1.000  distributor coefficient for spider gas sparger configuration  
dK  
1.364  distributor coefficient for perforated plate (PfP)  gas sparger 
configuration  
ON  30  number of orifices 
Od  1.5875×10
-3
 m  
  0.015  distributor exponent for spider gas sparger configuration  
  0.293  distributor exponent for PfP gas sparger configuration for  
3.0    
  0.303  distributor exponent for PfP gas sparger configuration for  
3.0055.0     
  0.293  distributor exponent for PfP gas sparger configuration for  
055.0    
The experimental gas holdups were reduced when increasing the solid concentrations, in 
agreement with the predictions from the Behkish correlation. Higher solids concentration 
leads to an increase of the slurry viscosity, promoting bubble coalescence (Kim et al., 
2014). Larger bubbles formed due to bubble coalescence have an increased rise velocity 
compared to smaller bubbles, reducing the bubble’s residence time in the column and 
thus lowering the overall gas holdup. As expected, increasing the superficial gas velocity 
was found to result in higher gas holdups for all solid loadings. The approximately linear 
increase in the gas holdups as a function of superficial velocity is indicative of the 
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coalescing bubble flow regime, in agreement with visual observations. The larger 
particles generally resulted in lower experimental gas holdups compared to the smaller 
particles, as predicted by the Behkish correlation.  
 The effect of particle size and secondary liquid phase loadings on the axial solids 
holdup profiles for a 0.083 solids loading, before and after glycerol (CM = 0.6) addition, 
are presented in Figure 3.6 (dp ave = 154.0 µm) and Figure 3.7 (dp ave = 70.9 µm). Based on 
the dynamic pressure profiles, local solid holdups were approximately constant along the 
height of the column for the smaller particle size prior to the addition of the secondary 
liquid phase. Axial solid holdup profiles for the larger particle size exhibit a decreasing 
gradient, indicating some vertical segregation. This behaviour demonstrates an increased 
gravitational force acting on the larger particles relative to the increased drag force, thus 
reducing the vertical dispersion in the column. Similarly, as glycerol was added to the 
slurry bubble column, the rate of solids holdup reduction as a function of column height 
increased considerably for all studied conditions. This suggests that particles 
agglomerated as glycerol was added to the column, segregating vertically based on the 
agglomerate size. The observed rise of solids holdup at the base of the column as glycerol 
was added to the column, when compared to the G-L-S system, indicated that these 
agglomerates were more difficult to properly fluidize. The previous trend was observed 
for both particle sizes and over the range of studied superficial gas velocities.  
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Figure 3.6: Effect of secondary liquid phase 
loading on solid holdup in the G-L-L-S slurry 
bubble column with Ψ=0.077, dp ave = 154.0 
µm, CM = 0.6 at (a) 169 mm/s (b) 196 mm/s 
and (c) 218 mm/s. 
Figure 3.7: Effect of secondary liquid phase 
loading on solid holdup in the G-L-L-S slurry 
bubble column with Ψ=0.083, dp ave = 70.9 µm, 
CM = 0.6 at (a) 169 mm/s (b) 196 mm/s and (c) 
218 mm/s. 
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Particle sedimentation at the bottom of the column was first visually observed at a liquid 
to solid volumetric ratio (L/S) of 0.033. A previous ebullated bed study (Pjontek et al., 
2014) observed that as the particle diameter decreases, the bed will become more 
sensitive to sedimentation; however, the previous was noted for glass beads in the range 
of 1.5 to 4 mm and with a circulating liquid (superficial velocities up to 121 mm/s).  
Another method of determining if particles will agglomerate in a fluid-fluid-solid system 
is to compare the viscous Stokes number ( VSt ) to the critical Stokes number (
*
VSt ): 
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Three granulation regimes have been defined based on the comparison of VSt  and 
*
VSt  
(Simons and Fairbrother, 2000):  
i. Non-inertial regime ( VSt  << 
*
VSt ): all collisions result in agglomeration 
ii. Inertial regime ( VSt  ≈ 
*
VSt ) : some collision result in agglomeration 
iii. Coating regime ( VSt  >> 
*
VSt ): no collisions result in agglomeration 
If the Stokes number is greater than the critical Stokes number, it is then assumed that the 
particles rebound and do not form a liquid bridge. The previous is due to the decreased 
bridge strength, which will dissipate the relative kinetic energy of the colliding particles 
and allow them to rebound (Ennis et al., 1991).  
Many of the parameters required for this comparison are difficult to obtain precisely for a 
slurry bubble column system (dispersed liquid phase layer thickness, collision velocity, 
and characteristic length of surface). Nonetheless, the Stokes numbers comparison does 
allow for a qualitative analysis of fluid-fluid-particle agglomeration. For example, 
assuming all other parameters remain equal for the studied slurry bubble column system, 
the larger particles should result in a viscous Stokes larger by a multiplication factor of 
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approximately 4.5 when compared to the smaller particles. The observed trends however 
lead to believe that another parameter such as particle half-gap distance, initial relative 
granule collisional velocity or binder layer thickness may have a stronger effect as the 
larger particles were observed to sediment more in the slurry bubble column.  
Axial slurry bubble column solid holdups while varying the dispersed liquid phase 
viscosity are presented in Figure 3.8 for dp = 154.0 µm and Figure 3.9 for dp = 70.9 µm. 
Axial solid holdup profiles were again shown to be considerably impacted by the addition 
of glycerol. Similar to previous results, larger particles were more impacted by the 
secondary liquid phase for both studied viscosities. For the larger particles, significant 
sedimentation was observed at both studied glycerol viscosities, where the more viscous 
secondary liquid (Cm = 0.995) demonstrated more sedimentation at the bottom of the 
column. Figure 3.10 shows a photograph of the sedimentation of Ψ = 0.077 with            
dp = 154.0 µm and L/S = 0.0333 at UG = 218 mm/s.  
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Figure 3.8: Effect of secondary liquid 
phase viscosity on solid holdup in the G-L-
L-S slurry bubble column with Ψ=0.077, dp 
ave = 154.0 µm, L/S = 0.033 at (a) 196 
mm/s and (b) 218 mm/s. 
Figure 3.9: Effect of secondary liquid 
phase viscosity on solid holdup in the G-L-
L-S slurry bubble column with Ψ = 0.083, 
dp ave = 70.9 µm, L/S = 0.033 (a) 196 mm/s 
and (b) 218 mm/s. 
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Figure 3.10: Photograph of particle sedimentation with the spider sparger at UG = 218 
mm/s with L/S = 0.0333, Ψ = 0.077, CM = 0.6 and dp ave = 154.0 µm. 
Figure 3.11 compares the height of sedimented particles measured from the side of the 
column under different conditions. It confirms that the system with higher secondary 
liquid viscosity (Cm = 0.995) generally exhibited more sedimentation behaviour than the 
system with the lower secondary liquid viscosity (Cm = 0.6). These observed trends based 
on the secondary liquid phase viscosity agree with the Stokes comparison, where the 
viscous Stokes number is inversely proportional to secondary liquid viscosity. A viscosity 
increase by two orders of magnitude resulted in a noticeably more particle sedimentation 
for both studied particle sizes. It is also important to note that these sedimented particles 
may not be accurately represented in the solid holdup profiles (Figure 3.8 and Figure 3.9) 
especially at higher L/S volumetric ratios. The reason this trend is not observed in the 
solid holdup profiles likely due to the reference port being completely within the 
sedimented portion of the column, affecting results. 
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Figure 3.11: Comparison of sedimented particle height as a function of particle diameter 
as secondary liquid loading increases incrementally. This figure also compares the effect 
of secondary liquid viscosity where the viscosities differ by two orders of magnitude. 
3.4.2 Effect of sparger type 
Experiments were also carried out to investigate the non-agglomerating system fluid 
dynamics for the three studied sparger designs (i.e., spider, perforated plate, conical 
perforated plate) prior to adding the secondary immiscible liquid phase. Axial solid 
holdup profiles in the G-L-S slurry bubble column for three sparger designs are presented 
in Figure 3.12. Solid holdup profiles differences between sparger types were relatively 
small. It was assumed that the axial gas holdups would be similar for all studied spargers 
since they constructed with the same number of orifices and the same orifice diameter, 
while used in a constant system under ambient conditions. The solid holdup profiles for 
the spider sparger were found to have noticeably different curvature compared to the 
other sparger designs. The previous was unexpected and was specifically noted with the 
studied particle size (dp = 70.9 µm). The trend was verified by extrapolating the curve to 
the recorded expanded bed height and using the area under the curve to estimate the 
solids detected in the column. This calculation found that between 85% and 95% of 
solids were detected in the column, which was comparable to results with the other 
particle size and sparger designs. The curvature may be due to initial downward bubble 
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flow exiting the sparger, actively pushing the particles into the base of the column and 
possible resulting in a more pronounced gradient in the column for the studied particle 
size.   
  
  
Figure 3.12: Solid holdup for three sparger designs in a G-L-S slurry bubble column 
with dp  = 70.9 µm and Ψ = 0.083 at a) 154.0 mm/s and b) 174 mm/s c) 196 mm/s and d) 
218 mm/s. 
As discussed in Section 3.3.1, gas holdups were calculated based on visual estimates of 
the slurry height compared to the static liquid height. Figure 3.13 shows the effect of 
sparger type in a G-L-S slurry bubble column by comparing the experimental 
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measurements to the relation from Behkish et al. (2006). The relation did not provide the 
required gas sparger coefficient (Kd) for a conical perforated plate sparger, hence the 
values for flat perforated plate were used.  The regular perforated plate sparger was found 
to result in higher gas holdups when compared to the other two spargers, contradicting 
the predictions from the Behkish et al. relation. The two perforated plate spargers were 
expected to have the same gas holdup; however the gas holdup for the flat perforated 
plate was considerably higher than for the conical perforated plate. This suggests that the 
gas flow is less well distributed for the conical perforated plate sparger. The orifice 
length for the flat perforated plate sparger is constant for all orifices, but due to the 
conical nature of the conical perforated plate sparger, the orifice length increases radially 
from the center of the sparger. Orifice length is an important parameter because it affects 
the pressure drop and therefore the gas flow distribution. In this case the gas flow may be 
concentrating at the center of the sparger and causing gas jetting.  
 
Figure 3.13: Gas holdup as a function of sparger type in a gas-liquid-solid slurry bubble 
column comparing measurements to the relation from Behkish et al. (2006) with dp ave  = 
70.9 µm and Ψ = 0.083. 
Solid holdups in the G-L-L-S slurry bubble column were examined for each sparger types 
with a L/S of 0.033 (refer to Figure 3.14). When using the spider sparger at this solids 
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loading, there was visible sedimentation at the bottom of the column (refer to Figure 
3.15). This sedimented volume, demonstrated in Figure 3.16, corresponds with the axial 
solid profiles based on the reduced solid holdups throughout the column when using this 
sparger. The other sparger types did not exhibit any visible sedimentation until a L/S of 
0.0833. This suggests that the spider sparger, which injects gas downwards towards the 
bottom of the column, is less effective at breaking up agglomerates. It is believed that the 
disadvantage of a spider sparger for an agglomerating system is due to the uneven orifice 
distribution across the total cross sectional area of the column, potentially resulting is 
stagnant zones where particles may accumulate. Furthermore, as the gas pushes particles 
downward to create a circulation pattern, these particles may be more likely to adhere to 
already sedimented particles at the bottom of the column. For the studied agglomerating 
operating conditions, both perforated plate sparger designs performed similarly with 
respect to axial solid holdups and sedimentation. The measured axial solid holdup 
profiles were comparable for the studied operating conditions, they both began to visually 
sediment at a L/S of 0.083 and they were both inoperable at a L/S of 0.133. It is believed 
that the perforated plate spargers, specifically when compared to the spider sparger, 
actively propel particles upward and away from the sparger, which may enhance 
agglomerate breakup. The studied perforated plates also have a more even orifice 
distribution across the column cross sectional area, likely preventing the formation 
stagnant zones.  
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Figure 3.14: Solid holdup for three sparger designs in a G-L-S slurry bubble column 
with dp ave = 70.9 µm, Ψ = 0.083 and L/S = 0.0333 at a) 154.0 mm/s and b) 174 mm/s c) 
196 mm/s and d) 218 mm/s. 
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Figure 3.15: Comparison of sedimented particle height for three different sparger designs 
as secondary liquid loading increases incrementally.  
 
 
Figure 3.16: Photograph of particle sedimentation with the spider sparger at UG = 174 
mm/s with L/S = 0.0333, Ψ = 0.083 and dp = 70.9 µm. 
Gas holdups after the addition of glycerol (L/S = 0.0333) for the spider sparger and the 
perforated plate spargers are shown in Figure 3.17. The gas holdup was smallest for the 
spider sparger and largest for the PfP sparger. At this glycerol loading, there was a layer 
of sedimented particles at the bottom of the column covering the spider sparger. It was 
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difficult to visually observe the exact behaviour of the gas through the sedimented 
particles; however it is assumed that the presence of sedimented particles modified the 
sparger behaviour. The perforated plate spargers did not have any observable 
sedimentation at the bottom of the column. The regular perforated plate sparger showed 
considerably higher gas holdups when compared to the conical perforated plate sparger. 
As discussed in the observations for Figure 3.13, the conical perforated plate sparger’s 
orifices increase in orifice length radially which could result in worse gas flow 
distribution compared to the plate perforated plate sparger.  
 
Figure 3.17: Gas holdup as a function of sparger type in a G-L-L-S slurry bubble column 
with L/S = 0.0833 and dp = 70.9 µm. 
3.4.3 Avalanche measurements 
The avalanche angles for the biodiesel, aqueous glycerol, and glass beads are provided in 
Figure 3.18. The avalanche angle was found to increase when adding secondary 
immiscible liquid, where the analogous slurry bubble column became inoperable at a L/S 
ratio of 0.0333 for Cm = 0.60 and L/S ratio of 0.0667 for Cm = 0.995. Recorded videos 
demonstrated that the particle behaviour changed at this L/S value as the particles began 
to adhere strongly to one another and began to have more visible avalanches. Figure 3.19 
shows screenshots of the particles right before an avalanche is recorded with increasing 
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L/S volumetric ratio. As the particles adhere more strongly to each other, the attractive 
force opposes the gravitational force and produces an increased avalanche angle. 
Additionally a larger avalanche angle implies poorer flow properties (Fu et al., 2011), 
which would be expected as more agglomerates form. 
 
Figure 3.18: Effect of aqueous glycerol mass fraction on the avalanche angle for a 
particles with dp = 154.0 µm. 
a 
 
b  
 
c  
 
Figure 3.19: Screenshots taken right before an avalanche was recorded in a system with 
Cm = 0.62 (a) L/S = 0.033 (b) L/S = 0.050 and (c) L/S = 0.667. 
The relative break energy, shown in Figure 3.20, is the ratio of the measured break 
energy divided by the break energy for the base case with no added glycerol. This 
measurement represents the amount of energy or force required to initiate an avalanche. 
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The relative break energy was also found to augment as the secondary liquid loading was 
increased.  
 
Figure 3.20: Effect of aqueous glycerol mass fraction on the break energy for a particles 
with dp = 154.0 µm. 
Increasing the secondary liquid loading was found to increase the avalanche angle and 
the relative break energy, which was expected based on the results from the slurry bubble 
column; however, the effect of secondary liquid viscosity was less clear. The lower 
viscosity secondary liquids demonstrated considerably larger avalanche angles and 
relative break energies. Higher viscosity liquids might be expected to form less bridges 
with greater bridge strength, but it is difficult to determine if this was observed. It is 
recommended that further RPA testing be completed concentrating on the range operable 
conditions in the column so that a more complete comparison can be made and that other 
physical properties affected by adding water to the secondary liquid phase also be 
examined.  
A noteworthy result from the RPA measurements was that at a loading of L/S = 0.667 
resulted in a single completely sedimented domain that would no longer record 
avalanches. This result is interesting as the secondary liquid volume for the previous 
conditions correspond to an estimated fixed bed voidage of approximately 40 vol.%. This 
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further justifies the assumption that all the secondary phase is adhered to the particle 
surface (refer to Section 2.2.3). Overall, these results demonstrated some correlation 
between the RPA measurements and the G-L-L-S slurry bubble column. Nonetheless, 
further testing over a greater range of particle sizes and secondary liquid loadings would 
be needed before it could be used as a predictive instrument.  
3.5 Conclusions 
The impact of particle diameter on agglomeration due to interparticle bridging 
was investigated by comparing two particle sizes (dp = 70.9 µm and dp = 154.0 µm) in a 
G-L-L-S slurry bubble column with a spider sparger. A secondary liquid phase was added 
incrementally to the bed to provide relevant results for a system where an additional 
liquid phase which wets the solids is formed. The secondary liquid phase viscosity was 
also investigated by comparing two aqueous glycerol solutions (CM = 0.6 and CM = 
0.995), whose viscosities differ by two orders of magnitude.  
 The axial solid holdup for the larger particle size demonstrated vertical particle 
segregation with agglomerates accumulating at the bottom resulting in a lower overall gas 
holdup when compared to the smaller particle size. Larger particles were also observed to 
sediment with lower secondary liquid phase loading (L/S = 0.0333 for Ψ = 0.083 with 
both studied glycerol viscosities) when compared to the smaller particles. An increase in 
viscosity by two orders of magnitude was found to considerably increase sedimentation 
for both particle diameters tested.  
 Three gas sparger designs (six-leg spider sparger, perforated plate sparger and 
conical perforated plate sparger) were then compared to determine their impact 
agglomerate break up and suspension in the column. Each sparger used thirty 1.6 mm 
orifices to attempt to isolate the effect of sparger design from other potential factors 
effects (e.g., pressure drop due to varying orifice size). Prior to the addition of glycerol, 
the spider sparger showed improved particle dispersion compared to the other designs. 
After the addition of glycerol, the spider sparger was considerably less effective than the 
other designs. It is believed that this is due to the uneven orifice distribution across the 
total cross sectional area of the column which may result in stagnant zones where 
particles may accumulate. Additionally a sparger design which injects gas downwards 
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towards the bottom of the column may be less effective at breaking up agglomerates. 
Significant particle sedimentation for the spider sparger occurred at L/S = 0.0333, 
compared to L/S = 0.0833 for the perforated plate designs.  
 A Revolution Powder Analyzer was used to study analogous conditions to the 
slurry bubble column and to determine if there were any similarities between the particle 
agglomeration behaviour in both systems. The avalanche angle was found to increase 
sharply at secondary liquid phase loadings where the slurry bubble column became 
inoperable (L/S = 0.0333 for Cm = 0.62 and L/S = 0.0667 for Cm = 0.995). The relative 
break energy was found to increase as more secondary liquid was added. Overall the 
RPA measurements provided relatively rapid results that could be related to the slurry 
bubble column behaviour. It is recommended that further work be completed to 
determine if similar trends are obtained for a broader range of particles, secondary liquid 
loadings, and secondary liquid-solid wetting characteristics.  
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Chapter 4  
4 General discussion and conclusions 
Mesophase formation in industrial ebullated bed hydroprocessors is undesirable as it may 
cause operational problems such as fouling, reduced catalytic activity, and/or bed 
collapse. Hydroprocessing using a slurry bubble column configuration has been 
suggested as an alternative to minimize or eliminate mesophase formation based on 
reduced mass transfer limitations to catalytic sites. However, smaller diameter particles 
have been shown to agglomerate at relatively lower secondary liquid phase loadings in 
previous studies. The main objective of this work was to investigate the fluid dynamics of 
a slurry bubble column following the addition of a secondary immiscible liquid phase to 
provide relevant results for an industrial slurry bubble column hydroprocessor. Studies 
were carried out in a pilot-scale cold-flow slurry bubble column using nitrogen (gas), 
biodiesel (continuous liquid), glycerol (secondary liquid) and glass beads (solid). Axial 
pressure profiles and visual measurements were used to estimate local phase holdups and 
the overall agglomeration behaviour. This work focused on the impacts of four main 
parameters on particle agglomeration due to interparticle liquid bridging: secondary 
liquid loading, secondary liquid viscosity, particle diameter and sparger design.  
The impact of the secondary liquid loading was investigated in the slurry bubble column 
with two particle sizes, two secondary liquid concentrations and three sparger designs. As 
aqueous glycerol was added incrementally to the column, the axial solid holdup profiles 
generally showed a decrease as a function of column height when compared to a 
glycerol-free system, indicating vertical particle segregation based on agglomerate size. 
Increased glycerol loadings resulted in greater local solids holdups at the bottom of the 
column and steeper solid holdup profiles, indicating enhanced particle agglomeration. 
The incremental increase of the secondary liquid phase loading was also observed to 
slightly reduce the overall gas holdups, particularly when considerable sedimentation 
occurred. It is believed that this is due to the altered the sparger behaviour as the gas 
flowed through the sedimented particles, resulting in gas channeling, the formation of 
larger bubbles, and thus reduced gas residence time. Secondary liquid loading was tested 
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to determine the conditions where total particle sedimentation occurred. For the particles 
small particles (dp ave = 70.9) and the higher secondary liquid viscosity, the particles were 
defluidized at L/S = 0.033 and the for the lower secondary liquid viscosity the particles 
were defluided at L/S = 0.050.  
The secondary liquid phase viscosity was investigated by comparing the impacts of two 
aqueous glycerol solutions (99.5 wt.% glycerol and 60 wt.% glycerol), where the higher 
glycerol solution viscosity was two orders of magnitude larger than the diluted solution. 
This viscosity increase resulted in noticeably more particle sedimentation for both studied 
particle sizes. The experimental observations were in agreement with the theoretical 
predictions based on the Stokes comparison, as the viscous Stokes number is inversely 
proportional to the secondary liquid viscosity. A Revolution Powder Analyzer was used 
to study analogous conditions to the slurry bubble column and to determine if there were 
any similarities between the particle agglomeration behaviour in both systems. The 
avalanche angle was found to increase sharply at secondary liquid phase loadings where 
the slurry bubble column became inoperable (L/S = 0.0333 for Cm = 0.62 and L/S = 
0.0667 for Cm = 0.995). The relative break energy was found to increase as more 
secondary liquid was added. Overall the RPA measurements provided relatively rapid 
results that could be related to the slurry bubble column behaviour. 
The impact of two particle diameters ranges (45 to 90 µm and 125 to 180 µm) on fluid 
dynamic behaviour were compared with a spider sparger as glycerol was added 
incrementally. As glycerol was added to the system, the larger particles were shown to 
sediment with lower secondary liquid phase loading. This contradicted initial predictions 
based on the Stokes comparison, as larger particles would be less likely to agglomerate 
when comparing particle sizes under the same operating conditions. Larger particles were 
also shown to have lower overall gas holdups when compared to the smaller particle size 
in agreement with the Behkish et al. correlation (2006).  
Three sparger designs (six-leg spider sparger, perforated plate sparger and conical 
perforated plate sparger) were compared in a gas-liquid-liquid-solid system using the 45 
to 90 µm particle size range and 99.5 wt.% aqueous glycerol. All spargers featured thirty 
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orifices with 1.6 mm diameters to isolate for the impact of sparger geometry from other 
parameters (e.g., pressure drop due to orifice size). The purpose of this study was to 
examine whether the sparger design could improve agglomerate break up and suspension 
in the column. As glycerol was added to the column, the spider sparger design was 
considerably less effective when compared to the perforated plates. Significant particle 
sedimentation was visually observed at much lower secondary liquid loadings (S/L = 
0.033, compared to S/L = 0.083) relative to the perforated plate designs, which had 
comparable performance based on the axial solid holdup profiles and particle 
sedimentation. The orifices for the spider sparger design were less evenly distributed 
across the total cross-sectional area of the column, which is believed to have resulted in 
the formation of stagnant zones where particles may have accumulated. Additionally, 
these results suggest a design that injecting gas downwards towards the bottom of the 
column is less effective at breaking up agglomerates and preventing particle 
sedimentation when compared to a design that actively propels particles upward in the 
column and away from the sparger.  
A previous ebullated bed study in a similar G-L-L-S system (nitrogen-biodiesel-glycerol-
glass beads) found that the column remained operable up to L/S = 0.53 for both particle 
sizes tested (dp = 4 mm and dp = 1.5 mm (Pjontek et al., 2014). The study also completed 
preliminary slurry bubble column experiments (dp of 100 to 150 µm) and found that the 
system became inoperable at L/S = 0.029. These slurry bubble column results are similar 
to those presented in this thesis, as significant particle sedimentation was observed under 
most conditions at L/S = 0.033 with a spider sparger. When compared to ebullated beds, 
slurry bubble columns were found to sediment and become inoperable at considerably 
lower secondary liquid phase loadings.  
4.1 Recommendations 
This work provided interesting fluid dynamic trends following the addition of a 
secondary immiscible liquid to a slurry bubble column. Future work could include 
examining physical samples taken from the column to verify the trends calculated using 
the pressure drop. Sampling using a probe was attempted for this study, but the probe was 
retrofitted from another study and did not operate well with the particle size studied in 
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this thesis. The probe used was also not designed for an agglomerating system with an 
immiscible secondary liquid phase. Future research could investigate the effect of other 
secondary liquid properties such as contact angle (i.e., wetting characteristics and surface 
tension) and investigate a wider range of viscosities to better understand agglomeration in 
gas-liquid-liquid-solid systems. Additionally, experiments could be conducted to test 
relevant particle properties such as particle size distribution (i.e., wider size distribution, 
bi-modal distribution, etc.), porosity, particle density, etc. to better understand the 
relationship between interparticle agglomeration forces and agglomerate stability in a 
slurry bubble column. Additional sparger modifications could also be tested, such as 
spider sparger height, number of orifices, orifice diameter, etc. to improve agglomerate 
break up and minimize particle sedimentation. Further experiments could also be 
conducted using the Revolution Powder Analyzer narrowing the range of loadings 
studied to determine if it can be used as a predictive tool for agglomerating systems.  
The unit studied in this work could be improved by modifying pressure lines so that the 
reference port can be readily moved. As the particles sediment, the reference port is the 
first port covered, which may affect individual measurements and standard deviations. If 
it were possible to change the reference port, higher accuracy readings could be taken 
above the sedimented particles. It would also be useful to modify the system so that the 
reservoir above the unit could be used to back-wash the pressure ports if they get 
plugged. The RPA experiments could be improved by having a rotating drum that is 
modified to handle biodiesel, as there were some problems with leaks. Ideally a custom 
drum would be designed that would allow the operator to easily add the secondary liquid 
phase between runs. The current apparatus often gets particles in the drum threads, 
compromising the seal.  
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